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INTRODUCTION

Separation technology plays a vital role in most chemical and biotechnological productions. In

particular this holds true in the manufacturing of high-value products like fine chemicals and phar-

maceuticals. Processes in this field are usually characterised by the demand for a very high product

purity and the simultaneous need to realise rather complex separation tasks. Examples for this are

separations of isomers and stereoisomers, or the isolation of a single specific protein from a fer-

mentation broth. Expenses for separations in such processes often dominate overall production

costs.

A class of compounds where the above is notably true are enantiomers. Essentially, enantiomers

are molecules that are structured like non-superimposable mirror images of each other. Such sub-

stances are of particular importance in the production of pharmaceuticals, since biological systems

exhibit a distinct ability to discriminate between the two enantiomers of a compound. As a conse-

quence, usually only one enantiomer exhibits the desired physiological effect. In the best case, the

other promotes the efficacy of the drug. However, more often it is ineffective – and in the worst

case even harmful. This explains why both the number of drugs sold in enantiopure form and the

economical revenues from these pharmaceuticals rise vigorously.

The direct synthesis of a single enantiomer requires a long and cost-intensive development of a

suitable catalyst. In contrast to this it is much easier to produce a 1:1 mixture of two enantiomers

via classical chemistry. Subsequently this mixture can be separated to obtain the favoured enan-

tiomer. However, due to their structural similarity enantiomers have practically identical physical

and chemical properties, which makes such separations complicated and expensive.

The development of improved separation processes for enantiomers therefore appears desirable.

One possible approach, which will be investigated here, is to apply a combination of two comple-

mentary separation processes in order to purposefully create cost-reducing synergisms.

In this work, such a process combination that incorporates continuous Simulated Moving Bed

(SMB) chromatography and enantioselective crystallisation from solution will be investigated in

order to contribute to economically and ecologically more efficient processes for enantiosepara-

tions. The first process considered, SMB chromatography, is a rather complex and expensive unit

operation, which is well-established in enantioseparations. The second process, enantioselective

crystallisation, might be regarded as simpler and less expensive, yet it requires a certain enrichment

with respect to the desired enantiomer prior to application. In a combination of the two processes,

the typically high purity demands on SMB chromatography (that limit the performance of this

process) could be reduced, since only the mentioned enrichment necessary for crystallisation has

to be provided.



2 INTRODUCTION

It will be investigated whether this reduction of purity requirements on SMB processes in com-

bination with a crystallisation step entails a potential with respect to the improvement of process

performance. The analysis of such processes that include a complex unit operation like SMB chro-

matography and that (as will be demonstrated later) contain recycles, is not possible on the basis

of intuition only. In this connection, the main goals of this thesis are to reveal the origins of sy-

nergisms and limitations that arise from coupling the two units, to contribute to the understanding

of the behaviour of the individual unit operations and the process combination as a whole, and to

develop methods for the conceptual design and the evaluation of the performance of this process

combination.

The above goals cannot be achieved by determining an optimal design for a particular enantiomeric

system only. Rather than this, in order to establish general conclusions with regard to feasibility

and important design aspects of the process combination, in this work model-based investigations

of the two individual unit operations as well as of their combination will be performed. Different

enantiomeric model systems will be considered in these examinations.

The fundamental concept of the process combination and the expected synergisms from its appli-

cation will be introduced in the first chapter. This will be preceded by a brief survey on chirality

and its biological and economical consequences in order to familiarise the reader with this field.

State-of-the-art technologies for the preparative manufacturing of pure enantiomers will be also

reviewed.

In Chapter 2 the theoretical fundamentals of the two unit operations, SMB chromatography and

enantioselective crystallisation from solution, will be explained in the degree of detail that is re-

quired to follow the argumentations in later chapters. Subsequently, in Chapter 3 all necessary

parameters will be summarised for the different experimental model systems to be studied. A brief

explanation of applied experimental methods will be included.

A fundamental study of a process combination requires a thorough understanding of the incorpora-

ted individual processes. Of particular importance in this connection are the impact of the involved

thermodynamic equilibria, and the specific design requirements that result from combining the two

processes. In Chapter 4 the influence of the adsorption isotherms on SMB chromatography will

be examined using parameters of different model systems. A design approach for SMB processes

under reduced purity requirements will be suggested in Chapter 5. Analogously, in Chapter 6 the

effects of the solid-liquid equilibrium and the design of enantioselective crystallisation will be

demonstrated, again using several model systems.

In Chapter 7 the process combination as a whole will be investigated. Applying the results from

preceding chapters, a shortcut method will be suggested that simplifies the design of the combi-

ned processes and allows for the straightforward evaluation of its performance. A comparison of

different process configurations will be performed. The results for different model systems will

demonstrate the significant potential that arises from combining chromatography and crystallisa-

tion for the separation of enantiomers. The chapter concludes with a short summary of engineering

aspects that deserve consideration in further investigations.



1

CONCEPT OF A PROCESS COMBINATION

FOR ENANTIOSEPARATIONS

Enantioseparations are becoming increasingly important in drug manufacture and life

science applications. Engineers dealing with this subject have to face the complex field

of stereochemistry and a sometimes confusing special terminology. Therefore, the

first part of this chapter is devoted to the most important definitions of stereochemistry

and the significance of enantiopure drugs. Subsequently, a survey will be given on

preparative production methods for pure enantiomers.

In the second part of this chapter the basic concept of a process combination for en-

antioseparation will be introduced. Possible synergisms that are expected from the

approach will be discussed, followed by an overview on state of research and scope of

this work.

1.1 Background

1.1.1 Fundamentals of Stereochemistry

Objects lacking inverse symmetry, viz. objects that cannot be superimposed on their mirror image,

are called chiral. The term originates from the Greek word for hand, cheir (χειρ), because the left

and the right hand represent non-superimposable mirror images of each other. Other examples of

chiral objects from everyday life are screws, winding staircases, and keys.

In chemistry, the concept of molecular chirality is associated with stereo-isomerism. Stereoiso-

mers have identical constitutions. That is, such molecules consist of the same type and number

of functional groups which are attached to the same atoms (identical connectivity). The diffe-

rence between stereoisomers lies in the arrangement of these substituents in space. Although this

distinction might appear subtle, it can have dramatic consequences, as will be explained below.
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Enantiomers and Diastereomers

Enantiomers are stereoisomers that are non-superimposable mirror images of each other. This

property is understood best when looking at the molecular origin of this coexistence of symmetry

and asymmetry.

Figure 1.1. Example for the source of chira-

lity – a tetrahedral arrangement of four sub-

stituents at a central carbon atom.

As stated independently by VAN’T HOFF [1] and

LE BEL [2], a tetrahedral arrangement results

if a central carbon atom (stereogenic or chiral

centre) is saturated with four different functio-

nal groups (Figure 1.1). Because of the different

spatial arrangement of the groups, it is impos-

sible to superimpose the two molecules shown in

the figure by any means of rotation or translation,

viz. the two molecules are chiral. Besides chiral

centres, other origins of molecular chirality are

chiral axes, chiral planes, or chiral helices.

It can be seen from Fig. 1.1 that enantiomers have – except for the spatial orientation of one or more

functional groups – identical structures. Due to this structural similarity, in an achiral environment

(i.e., a milieu lacking any other chiral compound) enantiomers have identical physical and chemical

properties. The only measurable differences are related to properties that change sign, but not

magnitude, upon reflection. Thus, enantiomers differ in their chiroptical properties, such as optical

rotation, circular dichroism, and optical rotatory dispersion [3].

On the basis of their opposite specific optical rotation, a classification into (+)- and (−)-

enantiomers is possible. While the former rotates polarised light in positive direction, the latter

changes the rotation angle by the same value in negative direction. Another classification, com-

mon for amino acids and sugars, is the discrimination betweenD- and L-enantiomers. This system

was introduced by FISCHER [4]. A newer and more powerful notation is the CIP system (named

after the authors CAHN, INGOLD, and PRELOG [5]). Based on the sequence of substituents at

a chiral centre, it distinguishes between (R)- and (S)-enantiomers. For details see, for example,

[3, 6].

Diastereomers are stereoisomers with a spatial difference not related to mirror reflection. They

are molecules with two or more chiral centres in which not all stereogenic centres have opposite

configuration. Figure 1.2 shows the stereoisomers (enantiomers and diastereomers) of tartaric acid.

The number of chiral centres, n, determines the number of possible stereoisomers. Tartaric acid

has two chiral centres. There are 2n = 4 different stereoisomers. However, in the case of tartaric

acid, two of these diastereomers are identical (see Fig. 1.2).

In contrast to enantiomers, diastereomers have different physical and chemical properties. Conse-

quently, one of the most common techniques in enantioseparations is the crystallisation of diaste-

reomeric salts that are derived from the respective enantiomers (see section 1.1.3).
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Figure 1.2. Stereoisomers of tartaric acid. The asterisk denotes chiral centres. Note, that the

two diastereomers on the right are actually identical.

Racemates

An important term related to mixtures of enantiomers is the racemate, which denotes a 1:1 mixture

of two enantiomers. Classical chemical syntheses of chiral compounds usually lead to racemic

mixtures, necessitating the subsequent application of a suitable separation technique to obtain pure

enantiomers.

An important aspect for this work is the existence of different types of solid racemates, because the

type of racemate determines whether it is possible to perform an enantioselective crystallisation in

a given system. This not only holds true for crystallisation from the melt, but also for crystallisa-

tions from solutions. The three main types – the conglomerate, the racemic compound, and solid

solutions – can be distinguished based on their binary melting diagrams (see section 2.2.2) [7].

Only the former two types allow for the crystallisation of pure enantiomers.

It is estimated that about 10% of all enantiomeric systems form conglomerates, while the majority

form racemic compounds [7]. Solid solutions are found only scarcely. It should be noted that for

certain systems the type of racemate changes as a function of external conditions like temperature.

While this polymorphism is usually undesired in process design, it can also be used to induce a

favourable crystallisation behaviour (e.g., by derivatisation). Often, salts of enantiomers develop

conglomerates, while the underivatised systems reveal formation of racemic compounds [3].

The crystallisation behaviour of some systems is not covered by the categories above (e.g., systems

with racemic compound formation and simultaneous solid solution at high optical purity; anoma-

lous racemates; polymorphism not related to change of racemate type) [7, 8]. Although such

systems are out of scope in this work, their existence emphasises the necessity of accurate experi-

mental investigations of the solid-liquid equilibria for the design of enantioselective crystallisation

processes.

1.1.2 Biological and Economical Relevance

Biological Relevance

Molecular chirality is not only inherent, but essential to living systems. Although the probability

for the formation of two enantiomers is identical, in nature actually a breakage of this symmetry

can be observed. For example, the monomer blocks of proteins (the 18 optically active protein
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amino acids), are all L-enantiomers. In contrast, DNA, RNA, and most carbohydrates commonly

appearing are of the D-type. As a result, essential physiological processes utilise exclusively only

one of the possible stereoisomers of each compound involved. While the origin of this biomole-

cular homochirality is not yet clarified and subject to both experimental research and numerous

speculations [3], it is widely accepted that chiral homogeneity is essential for the existence of life

[9].

An important consequence of the above is that biological systems show a distinct ability of chiral

discrimination with respect to exogenous compounds. It is well known that the two enantiomers of

a substance can have very different effects on a living cell. Numerous examples cover differences in

odour, taste, and more important, pharmacological effects of enantiomers (see, e.g., [3], pp. 132).

While one enantiomer has the desired physiological effect, the other might be either inactive, have

some (lower) positive effect, have the opposite effect, or some different activity [10, 11]. Several

tragic examples related to the prescription of drugs in racemic form clarify this fact. One of the

enantiomers of thalidomide, a mild sedative, is presumed to have caused thousands of severe birth

defects in the 1960s. The use of racemic perhexiline, a treatment for heart rhythm problems, in the

1980s lead to several fatalities. The slow human metabolism for one of its enantiomers lead to its

unrecognised accumulation [12]. The recognition of such phenomena had – and still has – major

implications on the production of pharmaceuticals (see below).

Economical Relevance

Enantiopure substances have a significant economical impact. Primarily this is due to the sales

volumes of pharmaceuticals. To circumvent undesired side effects or unnecessary physiological

ballast resulting from the different medical actions of enantiomers, since the 1990s a growing frac-

tion of active pharmaceutical agents is produced as single enantiomers. More rigorous regulations

on the approval of new drugs amplified this trend. Manufacturers are required to evaluate the phar-

macological and toxicological effects of both enantiomers of a racemic drug, and to include data

on the conversion of the active enantiomer (the eutomer) into its counterpart (the distomer) [13].

Table 1.1 demonstrates that both the total market for pharmaceuticals as well as the market share of

enantiopure drugs are growing. This trend is expected to continue, because most pharmaceuticals

in the pipeline today are single enantiomers [14].

Table 1.1. Development of sales (in billion US$) and mar-

ket share of single enantiomeric drugs. Data from [15, 16].

year total single market

market enantiomers share

1999 360 115.9 32.2%

2000 390 132.5 34.0%

2001 410 146.1 35.6%

2002 429 159.1 37.1%
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Another driving force for the increasing manufacture of enantiopure pharmaceuticals is the possi-

bility to re-patent the single enantiomers of a racemic drug (chiral switch). Patents on drug agents

are usually valid for 20 years (E.U. and U.S.), afterwards the genuine substance usually is replaced

by less expensive generic drugs. The chiral switch thus prolongs the time span for commercialisa-

tion of a substance [12, 14].

The fine chemistry is a second important commercial field of pure enantiomers. The market volume

of 6.3 Billion US$ in 2000 will grow to 16 Billion US$ in 2007 [15]. This is mostly due to products

for the pharmaceutical industry, for example chiral building blocks like non-natural amino acids,

chiral auxiliaries, and intermediates. Related to this are so-called chiral technologies, viz. the

supply of material related to synthesis and separation of enantiomers. Here, revenues are expected

to grow with an annual rate of approx. 12% from 4.8 (1999) up to 14.9 billion US$ in 2009 [16].

This trend is driven by the increasing interest in production methods like enantioselective synthesis

and biocatalysis (see section 1.1.3). Further enantiopure fine chemicals are agrochemicals, agents

for electronics, flavours, and fragrances.

The trends listed above were made possible by significant advances in manufacturing methods for

pure enantiomers. Both synthetic methods like (bio-)catalysis, as well as separation processes like

chiral chromatography (here in particular the development of new chiral stationary phases and the

acceptance of sophisticated process schemes like the Simulated Moving Bed (SMB) process) are

becoming standard tools in the manufacturing of pure enantiomers (see section 1.1.3).

1.1.3 Production Methods for Pure Enantiomers

Classification of Methods

Essentially all approaches towards enantiomerically pure substances have in common the gene-

ration of a chiral milieu to provide for enantioselective interactions. Consequently, since there

are many ways to establish such interactions, numerous different approaches exist to obtain pure

enantiomers, in particular at lab-scale. However, a limited number of techniques dominates in

preparative applications. These will be reviewed in the following.

Preparative production methods can be classified into two categories. The first route is to attempt a

selective synthesis of the desired enantiomer (or of an asymmetrical mixture of both enantiomers).

The second is based on the production of the racemate and its subsequent resolution. Figure 1.3

gives a rough classification of the most important preparative techniques. This classification should

not be considered complete, because additional methods are available; many of them representing

a combination of two or more different techniques.

Common methods of the first category – enantioselective syntheses – include chemical and bio-

logical catalysis, the generation of desired molecules from pure chiral building blocks that are

already available (chiral pool), and the use of chiral auxiliaries to create some asymmetry during

synthesis (chiral handle). Although these approaches can be considered as straightforward, there

are some limitations important for practical realisation. The development of catalysts with high
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Figure 1.3. Classification of preparative production methods for enantiopure products.

enantioselectivity is time consuming and expensive, and process scale-up might be difficult. The

same holds true for the determination, modification, and production of suitable enzymes. Ano-

ther problem is the (yet) limited availability of chiral building blocks. Despite these restrictions,

industry shows increasing interest in synthetic methods [16].

In contrast, the advantage of the second category – the racemic approach – is that racemates are

generally easier obtained from classical chemistry. Frequently, the main challenge here is to find

an economically competitive method for the resolution of the racemic mixture. Like in enan-

tioselective syntheses, methods for resolution of racemates require a chiral milieu to provide for

enantioselective interactions. Most important preparative techniques are the formation and se-

paration of diastereomers (classical resolution) and, with a growing acceptance, enantioselective

chromatography.

Currently, the resolution of racemates and chiral pool-related techniques contribute about 55% to

the market, chemical and biological methods account for about 30% and 10%, respectively. At the

same time, the importance of the synthetic methods (biocatalysis, catalysis, chiral pool) is expected

to increase, while revenues from racemic approaches (separation of diastereomers, chromatogra-

phy) will decrease. However, the dominance of the latter is expected to hold on through 2009, in

particular due to the application of sophisticated chromatographic techniques like the SMB process

(see section 2.1) [16].

Production from Enantioselective Syntheses

The different approaches in enantioselective synthesis (catalysis, biocatalysis, chiral building

blocks, chiral auxiliaries; see below) are also referred to as ”asymmetric synthesis”, because they

often deliver enantioenriched – rather than enantiopure – products.

Catalytic Syntheses. There are two approaches in enantioselective catalysis – classical chemical

catalysis and biocatalysis.

Currently, the field of enantioselective chemical catalysis experiences a remarkable development.

Important reaction types are hydrogenation, hydroformylation, oxidation, epoxidation, and cy-

cloaddition [17]. Both homogeneous and heterogeneous catalysts are in use, most importantly
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complexes involving rhodium phosphine, ruthenium, and transition metals [18, 19]. Significant

research efforts aim at the development of new techniques and catalysts. Comprehensive reviews

on this topic can be found in [17, 18, 20]. Important preparative applications of catalytic methods

are the productions of carboxylic acids, (–)-menthol, (R)- and (S)-glycidol, and naproxen. More

examples are listed in [21, 22].

Advantages of classical chemical catalysis are the straightforward approach and, on a more philo-

sophical level, the elegant chemistry. However, it also suffers from some drawbacks. For example,

often large amounts of additional chemicals are needed while the achievable optical purity is

usually only moderate, still requiring additional resolution techniques [23].

Biocatalysis, as the second class of catalytic methods, is attracting more and more interest. This is

reflected by extensive research in the development of new enzymes and their adaptation to organic

solvents (see, e.g., [24–26]). (Semi-)synthetic or naturally occurring enzymes provide for stereo-

selective catalytic action. Examples are lipases, hydrolases, and acylases [27]. Enzymes are used

either in-vivo (whole cell biocatalysis) or as free proteins in solution. Examples for preparative

processes involving biocatalysis are the manufacture of natural and unnatural amino acids, aspar-

tame, and carnitine [21, 22]. It is expected that enzymatic methods in future will play a major role

amongst the production methods for pure enantiomers [24].

Enzymes have several advantages in comparison to conventional catalysis. They provide for re-

markable acceleration of reaction rates, are environmentally friendly, and – because they usually

require similar reaction regimes – different enzymes can be combined in one-pot syntheses. Their

major drawbacks are the limited stability and the narrow application ranges due to their distinct

specificity [26]. Similar to conventional catalysts, significant efforts are necessary for identifica-

tion, development and production of an enzyme. Furthermore, the enzyme has to be adapted to

process conditions (e.g., to the presence of organic solvents).

Syntheses from Chiral Building Blocks (”Chiral Pool”). Methods in this class utilise enantiomeri-

cally pure compounds as starting material for a synthesis. Such building blocks are either occurring

naturally (”natural pool”) or produced synthetically (”new pool”). Common building blocks are,

for example, amino acids, carbohydrates, terpenes, and alkaloids. There are several examples of

preparative syntheses using chiral building blocks. A compilation was given by CROSBY [19].

It can be expected that the importance of chiral pool syntheses will increase with the number of

building blocks available.

The major advantage of chiral pool syntheses is the large and constantly growing number of enan-

tiopure compounds available. Many of these substances are rather inexpensive bulk chemicals. A

disadvantage can be the necessity to recycle large amounts of product if diastereomers are formed

during synthesis.

Syntheses Using Chiral Auxiliaries. The chiral milieu necessary for a stereo-selective synthesis can

be achieved by temporarily binding a chiral auxiliary to one of the reactants. This ”chiral handle”

is removed after the reaction and separated from the mixture. The necessary step-wise procedure

is the main difference to catalytic methods (see above), where binding, reaction, and release occur
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spontaneously [17, 18].

Using an auxiliary allows to control the stereochemistry of the reaction. However, practical

concerns of using chiral auxiliaries are related to the step-wise mechanism described above. In

particular, the binding, removal, and subsequent separation of the auxiliary can be a challenge.

Production from Syntheses and Resolutions of Racemates

Formation and Separation of Diastereomers. The underlying principle of the separation of diaste-

reomeric derivatives (also called ”classical resolution”), is that the association of a racemate with

a pure enantiomer (resolving agent) leads to the formation of diastereomers. These diastereo-

mers, usually salts or esters, have different properties, facilitating a physical separation. The latter

usually is carried out by exploiting solubility differences (crystallisation). Also chromatography

is used frequently since the separability is significantly higher for diastereomers than for enantio-

mers. After separation the resolving agent is released and recycled. A schematic example is shown

in Fig. 1.4.

Figure 1.4. Classical resolution of diastereomers. The racemic mixture RS-A is converted into

two diastereomeric salts using the homochiral resolving agent (S)-B. The diastereomers are

separated, and pure enantiomer, (S)-A, is released. The resolving agent is recycled.

The two main design aspects of a classical resolution are the choice of a suitable resolving agent out

of numerous agents available, and the choice of an appropriate solvent for separation. The latter

determines the separability of the diastereomers (both in crystallisation or in chromatography).

Unfortunately, no methods exist for the a priori selection of a resolving agent and a corresponding

suitable solvent.

As for the chemistry involved, classical resolutions might be seen as lacking elegance in compari-

son to asymmetric synthesis. However, they represent the most important resolution technique in

terms of the total number of preparative separations carried out [16, 28]. Examples of industrial

productions are the antibiotics ethambutol (with resolving agent (R, R)-tartaric acid) and chlo-

ramphenicol (with 1-(S)-(+)-camphor-10-sulfonic acid), or the anti-inflammatory naproxen (with

cinchonidine) [29].

Despite their industrial importance, classical resolutions suffer from some drawbacks, especially

at larger scales. Mainly the requirements on process equipment (multiple reactors, tanks, etc.) and

the costly recovery of the resolving agent can make it a rather expensive process. Often, process

economy depends on the possibility to racemise the undesired enantiomer [29].
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Enantioselective Chromatography. Chromatographic separations are based on different distribu-

tions of the compounds to be separated between a mobile phase and a stationary phase. The main

feature of enantioselective chromatography (frequently referred to as ”chiral” chromatography) is

the use of a stationary phase that has chiral selectors attached to its surface (chiral stationary phase,

CSP). The selector provides for the chiral milieu necessary for enantioselective interactions. Dif-

ferent types of CSPs are in use, for example phases based on cyclodextrines, proteins, or polysac-

charides. The development of new CSPs is topic of ongoing research efforts. For an overview on

techniques and CSPs the author refers to [27, 30]. Section 2.1 summarises the fundamentals of

chromatographic processes.

While enantioselective chromatography is the method of choice for analytical determination of

optical purity, it also has become one of the most important techniques for preparative purposes

up to scales of several hundred tons per year. There are several reasons for the growing number

of applications, for example fast performance and low development times, rather simple scale-up,

and the availability of a larger number of different CSPs for many separation problems. Notably,

the implementation of the Simulated Moving Bed (SMB) technology proved to reduce separation

costs. Compared to batch-wise elution chromatography, the SMB process facilitates significant

improvements in terms of productivity and solvent consumption. Because SMB units essentially

are binary fractionators, this technology is especially suited for separating racemic mixtures.

However, preparative enantioselective chromatography also has some drawbacks; for example, the

high costs and the limited capacity and stability of the stationary phase. Comprehensive reviews

on the topic are given in [27] and [31].

Kinetic Resolutions. Kinetic resolutions are based on different reaction kinetics of two enantiomers

with an enantiopure reagent, which can be either a chemical reactant or an enzyme. Ideally, the

rate of conversion is zero for one enantiomer, while the other is readily converted to the target

product. Although very high selectivity can be achieved, in practice usually a compromise has

to be made between conversion and enantiomeric purity [6]. It should be noted, that enzymatic

reagents often deliver higher optical purities [19]. Recent research results emphasise the future

potential of enzymatic methods [24].

As for all methods based on the resolution of racemates, the further use of the second enantiomer,

or its racemisation, is of economical interest. Thus, an important aspect of kinetic resolutions is

that enantiomeric excess can be obtained both in the product and in the residual substrate [19].

Several preparative resolutions are carried out using kinetic resolution, for example syntheses of

naproxen and pyrethroid acid [19]. Further examples are compiled in [3].

Direct Crystallisation. The prerequisite to enantioseparations by direct crystallisation is that the

racemate of the respective substance forms a conglomerate (see section 1.1.1). It is estimated that

about 10% of the enatiomeric systems form conglomerates [7]. It should be mentioned, that for

some components that crystallise as racemic compounds, the formation of the conglomerate can

be achieved through a change of temperature, or by converting it into a derivative [3].

A self-evident method to perform a separation by direct crystallisation is to crystallise out the



12 1 CONCEPT OF A PROCESS COMBINATION FOR ENANTIOSEPARATIONS

conglomerate. This so-called spontaneous resolution delivers both enantiomers as a mixture of

the two enantiopure crystals. Obviously, the problem then is to identify and separate the different

crystals. In fact, the first enantioseparation was performed by PASTEUR [32], who could visually

distinguish between the enantiopure crystals of sodium ammonium tartrate and manually sorted

them. However, for obvious reasons this method is rather inappropriate for preparative purposes.

A variant feasible for preparative applications is preferential crystallisation, where homochiral

seeds (i.e., pure crystals of one of the enantiomers) are added to a solution of dissolved racemate.

The respective enantiomer preferably deposits on the surface of these seeds. A process option of

preferential crystallisation is the so-called crystallisation by entrainment. Here, the seeds are added

to initially enriched solutions. Crystallisation kinetics lead to the depletion of the remaining mother

liquor beyond the thermodynamic equilibrium (i.e., the racemic composition). After stopping

crystallisation, removal of the crystals, and addition of fresh racemate, the process is restarted in

the opposite direction by addition of seeds of the second enantiomer [33].

As a further option, the use of chiral additives should be mentioned. While in achiral environ-

ments the solid-liquid equilibria of enantiomers are strictly symmetrical, the addition of a chiral

compound leads to asymmetry facilitating selective crystallisation by cooling or evaporation [34].

There are several preparative applications of preferential crystallisation, for example in the pro-

duction of diltiazem [23]. However, it should be noted that preferential crystallisation processes

are non-equilibrium operations. Thus, conditions have to be adjusted very carefully in order to

prevent spontaneous nucleation of the unseeded enantiomer. In particular, the possible accumula-

tion of impurities is of major concern in preparative applications, necessitating the use of extremely

pure starting material [19].

In order to apply direct crystallisation methods, the knowledge of the system’s solid-liquid equi-

librium (SLE) is mandatory. Fundamentals concerning SLE of enantiomers and enantioselective

crystallisation from solution are given in section 2.2.

Other Techniques

The compilation of methods given above cannot be exhaustive. For example, process schemes

should be mentioned that include classical engineering techniques like distillation (e.g., [35]) or

liquid-liquid-extraction [27, 36]. In addition, there is a number of methods of more or less practical

importance and possible future relevance for preparative applications, respectively.

Most productions are multi-step processes. Thus, process combinations of two or more of the

above techniques are common, for example biological and chemical catalysis [37].

Membrane technologies are considered as having a high potential for future applications [27].

Membranes allow for continuous operation and and are readily applicable to large-scale processes

[36]. They offer interesting perspectives for process integration; for example, in connection with

biocatalysis [38] or in combination with other separations. Considerable research efforts are devo-

ted to the development of new enantioselective membranes. The design of tailor-made membranes
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and chiral stationary phases by molecular imprinting [39] appears very promising. However, des-

pite their potential, chiral membranes are industrially not yet relevant, because their enantioselec-

tivity is usually rather low [31, 36].

Another important aspect in preparative applications is the possibility to include racemisations.

Obviously, this is of special interest in approaches where a racemate is resolved. Unresolved mix-

tures with an excess of the undesired enantiomer can be racemised and recycled, thus theoretically

allowing yields of 100%. Racemisations can be performed by thermal means, or using catalysts or

enzymes.

Recent results suggest that ionic liquids might be of interest in catalytic processes for the stabi-

lisation of heterogeneous or the recycling of homogeneous catalysts. They also could serve as

promoters of chiral discrimination or as the source of chirality itself [40].

Feasibility was shown for enantioselective extraction using supercritical fluids, and for gas chro-

matography SMB processes [41, 42]. However, the interest in these processes yet appears to be

restricted to academia. Other processes like capillary electrophoresis will probably remain restric-

ted to analytical applications.

1.2 Concept of the Process Combination

The previous section summarised the various methods in preparative enantioseparations. Among

them, chromatography is gaining more and more interest due to its relatively short development

times and the capability of accomplishing even difficult enantioseparations. However, chiral chro-

matography is an expensive technology. Thus, there is a strong motivation for the development of

more efficient chromatographic processes.

A well known fact in engineering is that separation costs rise with increasing purity requirements.

Purity requirements on chromatography might be reduced by the introduction of a second, com-

plementary unit operation. This section presents the concept of a process combination for enan-

tioseparations that complements continuous chromatography with enantioselective crystallisation

from solution in order to create cost-reducing synergisms.

1.2.1 Some Remarks on Process Intensification

Before introducing the concept of the process combination and explaining the benefits expected

from this, a few general remarks should help to classify the approach.

Most generally, process combinations like the one to be investigated in this work belong into the

framework of process intensification. This collective term subsumes different innovative measures

that offer drastic improvements with respect to some goal function in chemical processing. Such
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goals can be very different: for example, reduction of costs for equipment, energy, auxiliaries, raw

materials, or solvents; minimisation of emissions, effluents, and waste; or enhancement of process

stability and safety. There are well known examples of process intensification, such as reactive

separations (e.g., reactive distillation, membrane reactors, and chromatographic reactors), heat

exchanger networks, and micro-reaction devices. Specific examples can be found, for instance, in

[43–47].

Unfortunately, in some cases the literature about process intensification does not provide a

consistent terminology. To avoid possible misconceptions, below a classification of different me-

thods in process intensification is suggested (Figure 1.5). The scheme reflects the author’s view

on the topic and was derived on the basis of a classification for reactive separations published by

STANKIEWICZ [43].

Figure 1.5. Suggestion for a classification of measures for process intensification.

According to the figure, measures can be divided into methodological and equipment-related at-

tempts.1 An important example of equipment for process intensification are micro-reaction de-

vices. These can provide for improved mass and heat transfer while they are safer to operate

than large-scale processes. Among methods, the development of new operating concepts should

be mentioned (e.g., the periodic pressure-swing adsorption process). Another methodological ap-

proach is process integration, which in this work will denote any systematic combination of unit

operations. Integrated processes can be established both on the level of apparatuses (e.g., multi-

functional reactors, reactive distillation, or membrane adsorbers; see [48] for more examples) as

well as on the level of flowsheets (e.g., heat exchanger networks, reactor-separator combinations)

[49]. Process integration on the flowsheet level in the following will be referred to as process com-

1 Some approaches will not clearly fit into a classification into equipment and methods, because new methods often

require new types of equipment and vice versa. However, the scheme above should provide a fair introductory basis.
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binations. These are usually characterised by the purposeful establishment of heat and/or mass

recycles between different unit operations. The process investigated in this work belongs into this

category.

Another important term that is often used in different notions is the hybrid process. In chemical

engineering this is often used as a synonym for an integrated process. However, in this work the

system-theoretical definition for hybrid is applied; viz. a hybrid process will refer to a system that

contains both continuous and discrete components.

1.2.2 Basic Concept

Synthesis and subsequent resolution of racemates will remain a method of choice in preparative

productions of pure enantiomers – despite the advances in synthetic approaches. The reason for

this is that it is generally easier to produce a racemate than to develop a synthesis for a pure enan-

tiomer. The economically limiting factor in a racemate-based process is usually the separation of

the enantiomers. In this context, chromatographic methods, in particular continuous SMB chro-

matography, are becoming increasingly important, because they offer a number of advantages over

other separation methods (see section 1.1.3).

However, chiral chromatographic separations have to be considered as expensive processes. The

main reasons for this are i) high investment costs for CSPs, ii) limited capacity, selectivity, and

life time of CSPs, iii) significant consumption of highly purified solvents, and iv) the high purity

requirements that are typical in productions of fine chemicals and pharmaceuticals.

It is a well known fact in engineering that costs of a separation decrease if purity requirements

are lowered. Concerning enantioseparations by chromatography, cost-reducing synergism might

be created by introducing a second, complementary process that allows to reduce the purity requi-

rements on the chromatographic process. This work investigates whether enantioselective crys-

tallisation from solution can be used as such a complementary unit operation. Crystallisation can

deliver a pure enantiomer in the form of solid crystals, provided that the feed of the crystalliser

possesses a certain minimum purity with respect to this enantiomer (see Chapter 2 for details).

According to the above, here a process combination of continuous chromatography and crystalli-

sation is suggested, where chromatography is used to only partially resolve a (racemic) mixture.

A subsequent crystallisation produces the pure solid enantiomer from the mixture delivered by

chromatography. Figure 1.6 contains a schematic representation of a possible process configura-

tion. A racemic feed solution of (R)- and (S)-enantiomers is enriched by chromatography. The

stream that contains an excess of the desired enantiomer, here (R), is sent to a crystalliser, where

cooling or evaporation is applied to achieve supersaturation and to crystallise out this component.

While the enantiopure solid product (R) is withdrawn from crystallisation, the remaining mother

liquor can be recycled. The second stream from chromatography contains mostly the undesired

(S)-enantiomer. It either represents waste or can be processed further.
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Figure 1.6. Basic concept of the process combination of chromatography and enantioselective

crystallisation. A mixture of the (R)- and (S)-enantiomers of a compound is separated. The

(R)-enantiomer is the desired product.

It should be mentioned that in order to perform an enantioselective crystallisation, certain condi-

tions have to be met with respect to the solid-liquid equilibrium. Most notably, the enantiomeric

system must either form a conglomerate or a racemic compound. For the latter, the transition pu-

rity (i.e., the purity of the stream entering crystallisation) must exceed the eutectic composition of

the system. These issues are discussed in detail in section 2.2.

According to Fig. 1.5, the process combination above represents a separator combination (i.e.,

two separation units that are integrated on the flowsheet level in order to create certain synergisms).

Because of the discrete events occurring in the involved SMB process, it simultaneously is a hybrid

process. To the author’s best knowledge, there have been no general systematic studies on the

optimal design of such process combinations.

1.2.3 Possible Synergisms

An optimised process combination of chiral chromatography and enantioselective crystallisation

might be economically advantageous in comparison to producing an enantiomerically pure solution

by stand-alone chromatography.

In the case of chromatography, the following benefits can be expected from lowering purity requi-

rements:



1.2 CONCEPT OF THE PROCESS COMBINATION 17

1. Higher specific productivity (i.e., a higher ratio of throughput and amount of stationary

phase). This in turn will allow to reduce the investment costs for chiral stationary phase,

that can be responsible for more than 50% of the overall costs [50].

2. Lower solvent consumption (i.e., a lower volume of solvent used per mass of product

obtained). This will reduce operational costs for purchase, make-up, and recycling of

chromatography-grade solvents.

3. Higher outlet concentrations, thus reducing operational costs for obtaining concentrated so-

lutions or solid products (usually carried out by evaporation).

In addition to these main benefits, some further aspects favour an integrated process design of

chromatography and crystallisation:

4. Most enantiomers are marketed as solids [50, 51]. The process combination readily delivers

the solid product. Furthermore, the crystal structure or morphology determines physical and

– sometimes – chemical properties of pharmaceuticals, thus it influences key drug properties

such as dissolution rate, stability, and their processing [51]. By choosing appropriate crys-

tallisation conditions, the integrated scheme might also deliver the desired polymorph and

product quality.

5. Because crystallisation is commonly applied as a final polishing step for a product (see

above), manufacturers normally possess both equipment and expertise for crystallisation.

Thus, investment costs for crystallisers usually can be neglected.

6. The incorporation of crystallisation delivers not only the desired enantiomer, but also can

facilitate the simultaneous removal of impurities [50].

7. In cases where a chiral switch is considered (see section 1.1.2), production methods for the

racemates are already established, and the single enantiomer must be produced at compa-

rable costs. The integrated scheme might allow for such cost minimisation.

Figure 1.7 contains – schematically – the expected costs as a function of required product purity

for a stand-alone separation by chromatography and by the process combination, respectively.

The first situation depicted (solid line) corresponds to a stand-alone separation by chromatography.

The corresponding cost-characteristic increases monotonously with increasing purity and has typi-

cally a steep slope for purities approaching 100%. The second cost-function (dashed lines) corres-

ponds to an optimial process combination. Since it requires less stationary phase, the investment-

offset is lower. On the other hand, the lower amount of stationary phase somewhat decreases the

performance the unit and leads to a somewhat steeper slope of this function. At a certain transition

purity above the eutectic composition of the system, the output of chromatography is transferred to

crystallisation. This necessitates some additional investment (denoted by a step increase of costs

at the transition purity). The cost-characteristic of crystallisation has a lower slope, since here
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Figure 1.7. Schematic comparison of separation costs for stand-alone chromatography (solid line) and

a combination of chromatography and crystallisation (dashed). Favourable investment and operational

costs for crystallisation compensate for unfavourable performance of chromatography at high purity.

operation costs are less dominated by purity. Only at very high purity the slope increases due to

additional efforts for filtering and washing of the solid.

The figure shows a hypothetical situation where an overall benefit results (i.e., the total separa-

tion costs of the process combination are lower than those in stand-alone chromatography). The

identification of conditions that lead to such overall benefit is one of the subjects of this work.

In order for the process combination to be more profitable than stand-alone chromatography, the

benefits listed above must counterbalance additional efforts necessary for coupling the two units.

The main issues to be considered are:

- Efforts for process development and data generation for crystallisation (for example, the

measurement of solid-liquid equilibria, see section 2.2).

- Integrated schemes with internal recycles (like the process in Fig. 1.6) are usually more

difficult to operate.

- Expenses for additional equipment (if not already available), such as the crystalliser itself,

valves, and piping. An additional enrichment device has to be implemented if chromatogra-

phy delivers product concentrations that are too low to perform crystallisation.

1.2.4 State of Research

The concept explained above is currently subject to research activities of several groups. However,

so far only few publications on the topic exist.
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LIM et al. [52] suggested the use of enantioselective crystallisation to separate racemic mixtures

of praziquantel enantiomers (an antihelminticum) that were partially resolved by SMB chroma-

tography. However, they did not intend to exploit the benefits of reduced purity requirements in

chromatography, but tried to experimentally maximise the purity of the SMB separation. Since

the involved solid-liquid equilibrium revealed some complexity, focus was set on development of

a step-wise crystallisation procedure for the desired (–)-praziquantel [53].

In sugar industry, crystallisation is frequently applied to mixtures delivered by chromatography

(see, e.g., [54, 55]). However, here the unit operations are considered as purification steps only. A

purposeful creation of synergisms has not been reported.

BLEHAUT and NICOUD [50] were the first to recognise most of the potential benefits listed in

section 1.2.3. They discussed the process combination in the framework of industrial aspects of

SMB chromatography and predicted that an integrated design of chromatography and crystallisa-

tion can lead to cost-reduction and improved global process robustness. A simulation study of the

SMB separation of a chiral ester was performed. It was concluded that there are different optimal

operating conditions with respect to solvent consumption and productivity, respectively.

The first comprehensive survey on the concept was given in [56], where in particular the principles

of enantioselective crystallisation were discussed in more detail using the solid-liquid equilibrium

of mandelic acid in water. A model-based study of the SMB process was performed and a signifi-

cant improvement of the productivity was predicted.

In this context, the author of this work investigated systematically the impact of adsorption iso-

therm parameters on the performance of SMB processes [57, 58]. For different experimental

isotherms the productivity enhancement as a function of required purity was determined from nu-

merical simulations. Chapter 4 will present the corresponding results in detail.

STRÖHLEIN et al. [59] performed a theoretical study of the process combination from an industrial

perspective and tried to develop a design procedure for the process. They investigated an indus-

trially relevant compound and the above-mentioned mandelic acid system. However, the approach

presented suffers from some shortcomings to be discussed in Chapter 7.

GEDICKE et al. [60] also performed a model-based evaluation for the separation of two diastereo-

mers. The importance of recycling mother liquor from crystallisation back to chromatography (see

Fig. 1.6) was stressed. Their industrially relevant example revealed some problems related to an

impurity and a certain minimum purity of the mother liquor. Due to this, the process combination

was found to be somewhat less economic than a separation by SMB chromatography only.

The author published a shortcut-method for design and performance evaluation of the process

combination [61]. The method requires only few information and experimental efforts. Its appli-

cation to the separation of mandelic acid enantiomers revealed a significant potential in terms of

productivity and investment costs. The according results will be included in Chapter 7.

Before investigating the integrated process as a whole, in the next chapter the theoretical fundamen-

tals of the two involved unit operations, SMB chromatography and enantioselective crystallisation,

will be summarised.





2

THEORETICAL FOUNDATIONS

OF INDIVIDUAL UNIT OPERATIONS

When deliberating the question, whether the purposeful combination of two separa-

tion processes can improve overall process performance, a thorough understanding of

the individual unit operations is indispensable. This is particularly true for the pro-

cess combination to be investigated in this work. Experience teaches that one of the

processes involved, SMB chromatography, is rather difficult to understand, to model,

and to design. Although the other technique, enantioselective crystallisation, is much

easier to understand, it is yet scarcely used in industrial practice and, therefore, also

deserves special consideration.

This chapter compiles the fundamentals of both unit operations in the degree of detail

that is required to follow the argumentations in later chapters.

2.1 Continuous Chromatography

2.1.1 Principle

An outstanding feature of chromatography is its ability to realise even extremely difficult sepa-

rations, both on analytical as well as on preparative scale. Chromatographic processes exploit

differences in the distribution equilibria of compounds between a stationary phase, the adsorbent,

and a mobile phase, the eluent or solvent, respectively. The potential of chromatography arises

from the possibility to design stationary phases that offer highly specific interactions, and to adjust

the strength and ratio of these interactions by changing the properties of the mobile phase.

There are several types of chromatographic methods that differ with respect to the type of mobile

and stationary phase used, and interactions exploited. Comprehensive reviews on the different

methods in preparative chromatography are given, for example, in [62–66]. In this work, only

adsorption chromatography using liquid mobile phases is considered, which is the most common

technique in preparative chromatography. Below the fundamentals of liquid chromatography will

be explained.
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The adsorbent (usually small particles, sometimes also monoliths) is densely packed into columns.

The eluent is transported through the void volumes of the column by application of a pressure gra-

dient (i.e., by pumping). The compounds dissolved in the eluent have different affinities towards

the solid phase. Consequently, they distribute differently between the two phases. A strong adsor-

bing compound (i.e., a substance with a high affinity towards the solid) migrates slower through

the column than a less-adsorbing component. This difference in migration velocity represents the

separation mechanism in chromatographic processes.

Single Column (Batch) Chromatography

In the simplest operation mode of chromatography, batch or elution chromatography, a limited

amount of a mixture to be separated is injected into a continuous stream of mobile phase that enters

a single column. Because of their different migration velocities, the components get separated on

their way through the packing and – if the column has sufficient efficiency and length – can be

collected consecutively at different characteristic times (retention times) at the column outlet.

The concentration-time profiles of the components leaving the column (peaks) exhibit more or

less strong deformations in comparison to the profile of the injection (which typically corresponds

approximately to a rectangular pulse). This band broadening is caused by dispersive effects (like

axial dispersion or mass transfer resistances) and by the nonlinearity of the adsorption equilibrium.

Continuous Chromatography – The TMB Concept

In analogy to rectification processes, in chromatography a countercurrent between two phases

(here: solid and liquid phase) allows for continuous separation. The True Moving Bed (TMB)

process is the straightforward realisation of this concept. As shown in Fig. 2.1, in a single column

the two phases are transported in opposite directions. The in- and outlet ports divide the unit into

four different zones. A continuous feed stream that contains the components to be separated (1, 2)

is introduced between zones II and III , respectively. Provided that a proper relative velocity of

the two phases is adjusted, the less adsorbing component 1 preferably travels in the direction of

the liquid phase and can be collected at the raffinate port, while the stronger adsorbing component

2 is transported by the solid phase downwards. The recycled liquid that enters in zone I, together

with the pure eluent (desorbent) introduced at this position, make up a relatively high flow rate in

this zone. Due to this, component 2 is desorbed from the solids’ surface and is withdrawn at the

extract port. After a certain time of operation, the process reaches a steady state (i.e., stationary

concentration waves establish within the unit).

The individual zones fulfil different tasks. The separation is performed in zones II and III , while

zonesI and IV are responsible for regeneration of the liquid and solid phases. In a process desi-

gned for complete separation of the two solutes, the detailed tasks of the zones are:

• ZoneI: regeneration of the solid phase. The flows of liquid and solid are adjusted such, that

all remaining traces of the two components are desorbed.
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Figure 2.1. Continuous chromatographic separation of a binary mixture of components 1
and 2. Schemes of True Moving Bed concept (left) and Simulated Moving Bed process (right).

• Zone II: separation of the less adsorbing solute 1 from the stronger adsorbing 2. The con-

centration wave of 2 should stand here.

• Zone III: separation of the stronger adsorbing solute 2 from the less adsorbing 1. The

concentration wave of 1 should stand here.

• Zone IV : regeneration of the liquid phase. The flows are adjusted such, that both solutes are

adsorbed while the (non-adsorbing) eluent migrates further.

Practical implementations of the TMB concept suffer from significant problems related to the

transport of the solid phase (e.g., back-mixing and abrasion of particles) [65, 67]. Nonetheless,

the realisation of continuous countercurrent adsorption processes remains appealing; for example,

FRANZEN et al. recently reported investigations of a stage-wise countercurrent liquid-solid fluidi-

sed bed [68].

Usually, the TMB process serves as a tool for conceivability and modelling of countercurrent

chromatographic separations. Models for TMB processes have comparatively low computational

requirements (see section 2.1.5), which simplifies the development of new process concepts and

control strategies for continuous chromatography. The application of equilibrium theory to the

TMB concept also simplifies the design of SMB processes (see Chapter 4).

Continuous Chromatography – The SMB Process

The Simulated Moving Bed (SMB) concept was introduced in 1961 [67] and represents the fea-

sible realisation of the TMB concept. SMB processes originally were used for large-scale proces-

sing of components with more or less linear adsorption isotherms, for example for separations of
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o-xylene / p-xylene and sugars like fructose, glucose, and sucrose. Since then, several technologi-

cal advances facilitated the use of SMB in more difficult processes that involve nonlinear equili-

bria. This was promoted by an improved process understanding through mathematical modelling

(see 2.1.4), by the development of highly efficient, stable and selective stationary phases, and by

the development of design procedures (see 2.1.7). Today the SMB technology is increasingly ap-

plied in productions of fine chemicals, pharmaceuticals (e.g., enantiomers), and biotechnological

compounds (e.g., proteins and monoclonal antibodies). More examples of preparative applications

are reviewed, for example, in [50, 65, 66, 69, 70]. In many of them the SMB process was shown to

outperform conventional batch chromatography. In particular, the pronounced concentration pro-

files within the unit and the recycling of solvent usually lead to higher adsorbent usage and lower

solvent consumption [71].

Figure 2.1 (right) contains a schematic illustration of an SMB unit. In this process, the problems

of solid handling, that are inherent to the TMB concept, are circumvented by packing the solid

phase into several single columns and arranging them in a closed series connection. In this way

the continuous bed of the TMB process is discretised into single sections. Ports located between

the individual columns allow for the connection of inlet and outlet streams that divide the unit into

different zones. The four zones fulfil the same tasks as in a TMB process. The countercurrent

between the solid and liquid phases is achieved by periodically switching all ports by one posi-

tion in the direction of the liquid phase flow. This corresponds to moving each column by one

position backwards, viz. in opposite direction to the liquid flow. The time period between two of

these events is called switching time. This cyclic repositioning of the solid phase is referred to as

“simulating” the counter current movement, hence the name Simulated Moving Bed.

In contrast to the TMB process explained above, the SMB process does not reach a steady state.

Rather than this, after a certain start-up period, a periodically repetitive state establishes which is

usually referred to as periodic or cyclic steady state. Characteristic for this state are the periodic

changes of the product concentrations at the two outlets. The more columns an SMB equipped

with, the shorter the switching periods and the closer its behaviour approaches that of a TMB unit.

The hybrid nature of the SMB process constitutes a fundamental difference in comparison to the

TMB concept. However, the time axis in such dynamic regenerative processes represents an ad-

ditional degree of freedom [44], which is utilised in new operating concepts. Current research

projects focus on the improvement of process performance by a superposition of additional per-

iodic boundary conditions. Successful examples are periodic modulations of feed concentration

(ModiCon) [72, 73], zone length (VariCol) [74, 75], and flow rates (PowerFeed) [76–80]. Another

important research field is the development of SMB reactors (see, for example, [48, 66]).

2.1.2 Adsorption Equilibria

Chromatographic processes rely on differences between the distribution equilibria of the com-

pounds to be separated. Moreover, the equilibrium has a dominant impact on the shape of the
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concentration fronts migrating inside a column and, thus, significantly influences process perfor-

mance. Therefore, the quantification of the adsorption equilibria is an essential prerequisite for the

design of any preparative chromatographic process [81, 82].

In general, the adsorption equilibrium of a component i depends on the concentrations of all spe-

cies contained in a mixture. It is described by a functional relation of the form

qi = qi(c1, ..., cN , T ) (i = 1, ..., N) (2.1)

where c is the concentration in the liquid phase and q the concentration on the surface of the solid

(i.e., the loading). N is the total number of components. Since this relation usually is determined

for a constant temperature, T , it is referred to as adsorption isotherm.

For very low concentrations it can be assumed that there is an excess of adsorption sites on the so-

lid’s surface and that there is no competition for these sites between the molecules of the individual

compounds. This ideal equilibrium is described by a linear isotherm:

qi = Hici , (i = 1, ..., N) (2.2)

In analogy to gas absorption, the coefficient Hi is often called HENRY‘s constant. Note that in the

case of linear isotherms, the equilibria of the individual components are independent from each

other. The separation capability of a system can be quantified by defining a separation factor,

α ≥ 1, according to

α =
H2

H1
(2.3)

There are only few preparative processes where the adsorption isotherms are basically linear (e.g.,

adsorption of sugars and proteins on ion-exchange resins). In preparative applications, concentra-

tions are usually very high in order to maximise throughput and productivity. Often competition of

the components for adsorption sites and saturation of these sites occurs, which leads to nonlinear

adsorption behaviour. The most common nonlinear adsorption isotherm model is the LANGMUIR

isotherm

qi = qs,i
bici

1 +
N∑

j=1

bjcj

, (i = 1, ..., N) (2.4)

In Eq. (2.4) the saturation capacity, qs,i, is a measure for how many molecules of a compound

can be adsorbed until all adsorption sites are occupied. The energetical parameter bi describes the

binding strength. For very low concentrations, Eq. (2.4) reduces to the linear isotherm (Eq. 2.2).

The separation factor, α, is then given by

α =
qs,2 b2
qs,1 b1

=
H2

H1
(2.5)

The LANGMUIR model assumes a mono-layer occupation of energetically equivalent adsorption

sites and that there are no interactions between adsorbed molecules. Note, that identical values for
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the saturation capacities are required for thermodynamic consistency [83]. However, for modelling

purposes often individual values for qs,i are used.

If a solid phase offers more than one type of adsorption site, the LANGMUIR approach above can

be extended. The following isotherm contains two energetic sites of the above type (denoted by

Iand II, respectively).

qi = qI
s,i

bIi ci

1 +
N∑

j=1

bIjcj

+ qII
s,i

bIIi ci

1 +
N∑

j=1

bIIj cj

, (i = 1, ..., N) (2.6)

This so-called bi-LANGMUIR isotherm offers good modelling results for different systems [63]

and is often appropriate to describe the adsorption of enantiomers on chiral stationary phases

(CSPs) [84]. In this work, only adsorption isotherms of the linear, the LANGMUIR, and the bi-

LANGMUIR types are used. However, there are numerous other isotherm models (e.g., the IAS

and RAS models; the FREUNDLICH, REDLICH-KWONG, HILL, BRUNAUER-EMMETT-TELLER

isotherm models). Reviews on this topic can be found in [63, 81, 85–90].

Generally, parameters of adsorption isotherms are not predictable and must be determined expe-

rimentally. Different methods are available to perform such measurements. These can be classi-

fied into static methods, where a certain amount of stationary phase is equilibrated with different

amounts and compositions of adsorbate, and dynamic methods, which are applied directly to pa-

cked columns. More details can be found in the sources cited above.

2.1.3 Fundamental Relations

Before introducing mathematical models that allow for a quantitative description of chromatogra-

phic processes, some fundamental relations will be introduced. The explanations refer to batch

chromatographic processes, but they are also useful for the understanding of continuous chroma-

tography.

Obviously, the migration velocity of a component must depend on the relative amounts of liquid

and stationary phases inside a chromatographic column. These are described by the total porosity,

ε, which is the ratio between the liquid hold-up of a column, Vl, and its total volume, Vc:

ε =
Vl

Vc
(2.7)

A further differentiation is possible between external porosity (related to the interstitial volume

between particles) and intra-particle porosity (liquid inside the pores of the particles). However,

in this work it will be assumed that no concentration gradients exist between interstitial and intra-

particle liquids, thus Eq. (2.7) is sufficient to describe the phase proportions. Alternatively, the

phase ratio, F , can be used. It is defined as the ratio of the volumes of solid and liquid:

F =
1 − ε

ε
(2.8)
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The interstitial velocity (i.e., the velocity at which a non-adsorbing component travels through a

column), u, is given by

u =
Q

εAc
(2.9)

Here, Q is the volumetric flow rate applied by the pump and Ac is the column cross-sectional area.

For the retention time of non-adsorbing species (“dead time”), t0, holds

t0 =
εAcLc

Q
=
Lc

u
(2.10)

where Lc denotes the column length.

The migration behaviour of adsorbing species is influenced by the adsorption isotherms (see

above). From mass balance considerations the following relation can be established for the re-

tention time, tR, of solutes with linear adsorption isotherms

tR = t0(1 + FH) (2.11)

where H is again the HENRY coefficient, see Eq. (2.2). The retention time is a fundamental cha-

racteristic of a chromatographic process.

For nonlinear adsorption, the migration velocity depends on the curvature of the isotherm. A mass

balance for a single component in a differential volume reads [89]:

∂c

∂t
= Dax

∂2c

∂z2
− F

∂q

∂t
− u

∂c

∂z
(2.12)

Here, Dax is the axial dispersion coefficient. Neglecting all dispersive effects, the balance equation

can be simplified to

∂c

∂t
+

u

1 + F dq
dc

∂c

∂z
= 0 (2.13)

From this wave equation it follows for the migration velocity, uc, of the concentration level of a

solute

uc(c) =
u

1 + F dq
dc

∣∣
c

(2.14)

Correspondingly, the retention time related to this concentration level is

tR(c) = t0

(
1 + F

dq

dc

∣∣∣
c

)
(2.15)

This is a fundamental and helpful equation, for example for the determination of isotherm pa-

rameters (if the assumptions of local equilibrium and negligible dispersion are valid). The total

derivative in this equation must be evaluated from the adsorption isotherm (see section 2.1.2). It

can be seen that for a linear isotherm, Eq. (2.15) reduces to Eq. (2.11).
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Besides the influence of thermodynamic equilibrium on migration speed, for a quantitative descrip-

tion also dispersive effects, like mass transfer resistances and axial diffusion, have to be taken into

account. A convenient measure for quantification is the number of theoretical plates of a column,

NTP , which can be evaluated from a chromatographic peak by [63]

NTP =
μ2

σ2
(2.16)

In this equation, μ is the first absolute moment (i.e., the retention time), and the variance σ2 is

the second central moment of the peak. For linear adsorption the peaks correspond to GAUSSian

distributions. The value for NTP can then be estimated from the correlation

NTP = 5.54

(
tR
w1/2

)2

(2.17)

where w1/2 the width of the peak at half of its height.

Generally, NTP is a function of the linear flow rate, u. This dependence is often described using

the well known VAN DEEMTER equation [91]

HETP (u) = A+
B

u
+ Cu (2.18)

where HETP = L/NTP is the height-equivalent of a theoretical plate. A, B, and C are constants

that describe different physical contributions to peak-broadening. A is a measure for the different

paths molecules can use in the porous packing material, B is related to molecular diffusion, and C

depends on mass transfer kinetics.

2.1.4 Modelling of Batch Chromatography

A mathematical model of a chromatographic process should consider all significant transport phe-

nomena occurring in the chromatographic column. Depending on process conditions and the na-

ture of the involved solutes, one or more of the following effects will dominate process perfor-

mance:

- adsorption equilibrium,

- axial dispersion (usually considered as an effect combining axial diffusion, eddy diffusion,

and tortuosity/restriction of channels between particles [65]),

- mass transfer resistances in and around particles that determine the rate at which equilibrium

is established,

- diffusion inside the pores of the particles,

- diffusion of solutes on the particle’s surface.
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The list above is not complete. For example, a model for gas chromatography often requires the

use of an energy balance and the consideration of density effects due to adsorption.

Mathematical models of chromatographic processes usually consist of the equations for mass

conservation and transport for the individual components, which leads to a system of partial dif-

ferential equations. Different models are in use, depending on modelling purpose and dominating

physical effects of the actual system. Comprehensive reviews on this topic were given, for example,

by GUIOCHON et al. [63, 65] and SEIDEL-MORGENSTERN [89].

Equilibrium Dispersive Model

A model which attempts to take into account all non-ideal effects mentioned above (a ”general

rate model”) is computationally very expensive and, thus, inappropriate for systematic parameter

studies and optimisations. Therefore, in this work mostly the simpler equilibrium dispersive model

will be used. This is a reduced kinetic model (i.e., kinetic and diffusive effects are combined into

a single parameter). The following main assumptions apply: i) adsorption equilibrium is always

established at any position in the column, ii) all dispersive effects in axial direction can be aggre-

gated into a single parameter, iii) there are no radial concentration gradients, and iv) isothermal

operation.

The mass balance equations for the equilibrium-dispersive model are

∂ci
∂t

= Da,i
∂2ci
∂z2

− F
∂qi(c1,...,N)

∂t
− u

∂ci
∂z

, (i = 1, ..., N) (2.19)

where z is the space coordinate and Da,i is the apparent axial dispersion coefficient. If the values

for Da,i are rather small, they can be evaluated from the following correlation [63]:

Da,i =
u

2

Lc

NTP
, (i = 1, ..., N) (2.20)

To solve Eqs. (2.19), initial and boundary conditions have to be specified. The initial conditions

are

ci(t = 0, z) = ci,0(z) (2.21)

For an initially unloaded column holds ci,0(z) = 0. Typical boundary conditions are: 1

uci,in = uci(t, z = 0) −Da,i
∂ci
∂z

∣∣∣∣
z=0

for 0 < t ≤ tinj, (2.22a)

0 = uci(t, z = 0) −Da,i
∂ci
∂z

∣∣∣∣
z=0

for t > tinj (2.22b)

0 =
∂ci
∂z

∣∣∣∣
z=Lc

(2.22c)

1 Different formulations of boundary conditions can be used in chromatographic models. Above the “closed-closed” or

DANCKWERTS conditions are given for a finite column. For discussions on this see [63, 89, 92].
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The above model equations were solved numerically using the approach developed by GODUNOV

[93] and ROUCHON [94]. In this method, the dispersion term in Eqs. (2.19) is neglected and the

resulting equilibrium model is used. The numerical dispersion is purposefully exploited to ”match”

the physical dispersion. Since this is computationally very efficient, the method is well-suited for

extensive parameter studies [89]. Details about the algorithm can be found in [63, 89, 94, 95]. A

short overview is given in Appendix A.

It should be noted, that the ROUCHON algorithm prevents the use of above boundary conditions.

However, the effects of this simplification are negligible for batch chromatography using highly

efficient columns.

2.1.5 Modelling of TMB Chromatography

Equilibrium Dispersive Model

In order to derive a model for the TMB process in Fig. 2.1, the equilibrium dispersive model given

by Eqs. (2.19) can be extended by a convective term for the solid phase:

∂ci
∂t

+ F
∂qi
∂t

= Da,i
∂2ci
∂z2

− u
∂ci
∂z

+ usF
∂qi
∂z

(i = 1, ..., N) (2.23)

where us denotes the solid phase velocity. DANCKWERTS boundary conditions were used for each

zone of the TMB. At the liquid inlet (solid outlet, z = 0):

uci,in = uci(z = 0) −Da,i
∂ci
∂z

∣∣∣
z=0

(2.24)

and at the liquid outlet (solid inlet, z = L):

usFqi,in = usFqi(z = L) −Da,i
∂ci
∂z

∣∣∣
z=L

(2.25)

The partial differential equations were discretised by a method of lines approach to yield ordinary

differential equation. The complete model consists of these ODEs, expressions for the adsorption

isotherms, and the transition conditions for the flows between the individual zones. The model

was implemented in the simulation environment DIVA [96]. An comprehensive explanation of the

model and its numerical solution can be found in [97].

Equilibrium Stage Model

An alternative to the equilibrium dispersive model is to conceive the TMB unit as a series connec-

tion of well mixed cells (stages) which are passed through by countercurrent streams of solid and

liquid phase, respectively. Figure 2.2 contains a representation of such an equilibrium cell.

Assuming equilibrium, the mass balances for a component i in a single stage k of zone j of the

TMB are

εV
∂ci
∂t

= QS

[
qi,k+1(c̄k+1) − qi,k(c̄k)

]
+Q

(j)
k−1ci,k−1 −Q

(j)
k ci,k ±Qeci,e (2.26)

(i = 1, ..., N ; j = I, ..., IV ; k = 1, ..., Ns)
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Figure 2.2. Equilibrium stage of a TMB process. The stage is passed by

countercurrent streams of solid and liquid. External streams (denoted by

Qe) apply only to the four ports feed, raffinate, extract, and desorbent.

In this equation, V is the volume of a stage. Q(j)
k−1 and Q(j)

k−1 are the volumetric liquid flow rates

that enter and leave the stage, respectively, while QS denotes the solid flow rate (which is identical

in all four zones).

The model was implemented in the simulation environment PROMOT/DIVA [96, 98].

For highly efficient columns, the stage model is almost equivalent to the equilibrium dispersive

model. The main difference is that boundary conditions cannot be included. However, comparison

of selected simulation results proved an excellent agreement between the two approaches.

2.1.6 Modelling of SMB Chromatography

In order to model the SMB process, the lumped equilibrium dispersive model (section 2.1.4) is

used to calculate the internal concentration profiles in the individual columns. Besides this, the

switching of the columns has to be considered by periodically changing the boundary conditions.

Thus, a hybrid model results which is explained in detail elsewhere [95]. At this point only the

fundamental concept will be reviewed.

The model equations are solved on a constant time grid specified using the procedure described

in Appendix A. In order to provide for a numerically efficient solution, in each zone of the unit

different space increments are adjusted as a function of the zone flow rate [95]. This raises some

limitations concerning applicable initial and boundary conditions. After each switching of the

columns, the initial concentrations are calculated by a linearisation of the previous concentration

profile of this column. Boundary conditions like Eq. (2.22) cannot be used; instead the first vo-

lume elements of each column are considered as CSTRs which perform a mixing of the previous

concentration and the incoming stream.

After specification of the initial and boundary conditions, the concentration profiles are calculated

along the columns (starting from the first element of each column) from the explicit equation A.2.

The solid phase loadings, qi, follow from the adsorption isotherms. If the determination of the

profiles is complete, the next time increment is increased. If the end of the switching interval is

reached, the initial conditions are updated (see above). The simulation is stopped if the state at the
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end of an switching interval corresponds to the periodic state at the end of the previous switching

interval. This is determined from the criterion suggested by Kniep [95].

2.1.7 Design Aspects

The optimal design of continuous chromatographic separations is a rather complex task, since

numerous parameters influence the performance of the process, for example:

• adsorption isotherms (see section 2.1.2),

• column efficiency (affected by particle size, mass transfer kinetics, dispersion, etc.),

• number of columns and column arrangement within the plant (zone configuration),

• hydrodynamics and pump positioning (pressure drop and dead volumes).

For a complete design that takes into account all of the above, the optimisation of a mathematical

model is indispensable. Examples of this approach can be found in the literature (e.g., [82, 99,

100]). However, it should be recognised that this is still a tedious procedure which is most useful

for the final design of a specific separation problem.

Other available design procedures neglect most of these parameters. Instead, they rely on the TMB

concept and consider the (nonlinear) thermodynamic equilibrium as the most important factor for

design. Examples are the MCCABE-THIELE analysis [88] and the “triangle theory” (see below).

Alternatively, the “standing wave analysis” offers algebraic relations for the design of systems

with significant mass transfer resistances [101, 102]. It should be mentioned that the latter two

approaches apply for the design of separations with pure products only.

Design methods for pure products are not applicable to specify operating conditions for lowered

SMB purity requirements, as it is the case in the process combination studied here. However,

since they can serve as a valuable basis for comparison, in this work, the popular “triangle theory”

[103] will be used frequently. The method is based on an equilibrium model of the TMB process

and delivers explicit expressions for optimal flow rates (provided that the adsorption isotherms are

known). Chapter 4 will explain details of the approach.

2.2 Enantioselective Crystallisation

2.2.1 Principle

Crystallisation from solution is the process of solidifying a species dissolved in a liquid solvent.

Since the majority of chemicals is marketed as solids, it is a common process for final ”product
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polishing”. Also, it is widely used for purification purposes, since highly purified products can be

obtained from relatively impure solutions [104].

The basis of crystallisation processes is that the solubility of a compound in a solvent is limited

and usually decreases with decreasing temperature. Exceeding the solubility limit, the solution be-

comes supersaturated. This can be achieved, for example, by evaporating the solvent (evaporative

crystallisation) or by cooling the solution (cooling crystallisation). In a supersaturated solution,

the component forms solid crystals by nucleation or, alternatively, already existing crystals will

grow. These processes stop if equilibrium is reached again. If several dissolved compounds have

different solubilities, the least soluble component can be obtained in pure form by selective (frac-

tional) crystallisation. This is the basis for enantioselective crystallisation.

The driving force for crystallisation of a compound i is quantified by the supersaturation, σi, which

is a measure for the deviation from the solid-liquid equilibrium. Decisive factors like nucleation

and crystal growth rate depend directly on the supersaturation. In this work, the following defini-

tion for σi will be applied

σi =
ci

c∗i (T, c1,..,N)
− 1 i = (1, ..., N) (2.27)

where ci and c∗i denote the concentration of i in the mother liquor and at equilibrium, respectively,

and N is the number of components. Note, that since in this work multi-component systems will

be studied, c∗i depends not only on temperature, but also on composition.

The knowledge of the ternary SLE (i.e., the solubility of mixtures of two enantiomers in a solvent

for different temperatures) is a mandatory pre-requisite for the quantitative examination of enantio-

selective crystallisation processes. The next section gives an introduction to this topic. The impact

of ternary SLE on crystallisation performance will be discussed in more detail in Chapter 6.

2.2.2 Solid-Liquid Equilibria in Enantiomeric Systems

Binary Melting Equilibria

The type of racemate determines whether crystallisation of a pure enantiomer is possible from

a given mixture (see section 1.1.1). It is useful to consider first the binary melting diagrams of

enantiomeric systems, since they anticipate important properties of the corresponding ternary SLE.

Figure 2.3 contains the binary SLE for the three main types of racemates (conglomerate, racemic

compound, solid solution).

The first type of solid racemate, the conglomerate, is an equimolar mixture of pure crystalline enan-

tiomers. If the two crystals are distinguishable, they might be separated mechanically (e.g., by PAS-

TEUR’s [32] manual picking of the different crystals). The binary melting diagram (Fig. 2.3, left)

is symmetric (which is a general characteristic of enantiomeric systems). The lowest melting tem-

perature is found at racemic composition (xr = 0.5). For conglomerates, the racemic composition

corresponds to a eutectic point (denoted by E), thus xe = xr. In the areas left and right of the
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Figure 2.3. Schematic melting diagrams for systems with different types of solid racemates.

Conglomerates (left) and racemic compounds (middle) allow for the crystallisation of pure

enantiomers, in contrast to solid solutions (right) [7].

eutectic, between the liquidus and solidus lines, liquid melt is in equilibrium with pure crystal-

line enantiomers. Thus, in these regions, the separation of liquid and solid phase provides for a

simple enantioseparation. It is estimated, that about 10% of all enantiomeric systems belong into

the group of conglomerates [7].

The second type, also facilitating crystallisation of pure enantiomers, corresponds to the forma-

tion of a racemic compound (Fig. 2.3, middle). The racemic compound is a crystal structure that

contains both enantiomers in its lattice. The system reveals two eutectic points at xe and (1 − xe),

respectively. Again, there are two regions above and below the eutectic compositions where pure

enantiomers are in equilibrium with liquid melt. This type of behaviour accounts for the majority

of systems. The eutectic composition in a compound forming systems is of significant importance

for the application of the process studied in this work (see Chapters 6 and 7).

The last type of SLE, solid solutions (Fig. 2.3, right), will not be considered in this work since

this type does not allow to obtain pure enantiomers by crystallisation. There are three different

subtypes - the ideal solid solution (type I), systems where the racemate has the highest melting

temperature (type II), and systems with a minimum melting temperature (type III) [105, 106].

It was reported that solid solutions are rare [7]; however, recent studies indicate that they might

occur more frequently than expected [107]. It should be noted, that solid solutions might be of

future interest with respect to process combinations, since types IIand IIImight allow to achieve a

certain enantiomeric enrichment.

Ternary Solubility Equilibria

The ternary solubility equilibrium of an enantiomeric system reflects the properties of its binary

melting diagram. This becomes perceptive when plotting mass or molar fractions of the equi-

librium compositions in the ternary GIBBS diagram. Figure 2.4 contains isothermal cuts of the

ternary SLE for a conglomerate and a compound-forming system, respectively. Since the bounda-

ries of the triangles represent the binary equilibria, the eutectic points shown in Fig. 2.3 are located

at the lower boundaries of the ternary diagrams in Fig. 2.4.
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(a) Conglomerate forming system. (b) Compound forming system.

Figure 2.4. Ternary solubility diagrams of two enantiomers (1, 2) in a solvent (3) for constant

temperature. Left – conglomerate system. Right – system forming a racemic compound.

The diagram of each system contains distinct regions where different numbers and types of solid

phases are in equilibrium with the liquid solution. In the case of the conglomerate system there are

four regions: the liquid phase (top), two two-phase regions where pure enantiomers crystals and

the liquid coexist (left and right), and a three-phase region between the former two, where crystals

of both enantiomers are in equilibrium with the solution (middle). Tie lines (dashed) connect

equilibrium points of liquid solution and solid products. From these tie lines it can be seen that

enantiopure crystals are obtained only when operating within the two two-phase regions (thick

lines).

The ternary SLE of the compound forming system contains six regions: the liquid phase without

crystals (top), two two-phase regions where pure enantiomers are in equilibrium with the liquid

(left and right), one regions where the liquid is in equilibrium with the racemic compound (middle),

and two three-phase regions with liquid, pure solid enantiomer, and solid racemic compound.

Further detailed information about SLE of enantiomeric systems can be found in the monograph

by JACQUES et al. [7] or in [8, 107].

The lines connecting the solvent and the eutectics in the above diagrams are obviously of major

importance with respect to process design. According to [108], in this work such line will be

denoted as eutectic through. Analogously, the straight line from the solvent to the racemate will

be called racemic through (which for conglomerate-forming systems corresponds to a eutectic

through).

Remark on Analogies with Respect to Vapour-Liquid Equilibria

For readers experienced in distillation, the analogy of the above SLE to vapour-liquid equilibria

(VLEs) will be striking. A classification in this sense possibly imparts engineering understanding

of enantioselective crystallisation.
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Obviously, the eutectic points in the SLE above correspond to azeotropes in VLEs. Applying the

corresponding terminology (see, e.g., [109, 110]) to enantiomeric systems, the binary equilibria in

the diagrams above form a number of stable and unstable nodes, which result in several manifolds

that in turn divide the triangle into the different regions explained above. When considering the

residue curves of the mother liquor with decreasing temperature (i.e., during crystallisation), the

pure enantiomer is an unstable node, since the residues (or crystallisation paths) will move away

from it. In contrast, the pure solvent represents a stable node, since it attracts these residues.

Finally, the eutectics correspond to saddle points, since in the binary SLE they attract such paths

and in the ternary diagram they move away from them. The above-mentioned eutectic throughs are

the stable manifolds of these saddle points and correspond to the so-called separatrices in VLEs.

2.2.3 Enantioselective Cooling Crystallisation from Solution

An equilibrium-controlled crystallisation process that should deliver pure enantiomer crystals must

start in one of the above-mentioned two-phase regions (see Fig. 2.4). If the educt has racemic

composition, an initial enrichment process is necessary to reach such a region. In this work, chro-

matography will be considered for this task.

The upper boundaries of the regions (i.e., the solubility lines) depend on the temperature of the

system. Usually solubility decreases with decreasing temperature and the solubility lines move

towards pure solvent if temperatures are lowered. Figure 2.5 illustrates this situation for cooling

crystallisation processes for a conglomerate-forming and a compound-forming system, respecti-

vely.

(a) Conglomerate system. (b) Compound forming system.

Figure 2.5. Enantioselective cooling crystallisation. (a) Crystallisation of enantiomer 1 for a conglo-

merate system, (b) crystallisation of enantiomer 2 for a system with racemic compound formation.

In the example of the conglomerate-system (Fig. 2.5 a) a process starts at temperature T = T0 with

a solution initially enriched in enantiomer 1 (point P0). The solution is then cooled and reaches
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the solubility limit at T = T1 (i.e., the solution is saturated). Further cooling to T = T2 leads

to supersaturation, which causes nucleation and growth of crystals. These crystals contain only

enantiomer 1. The remaining mother liquor changes its composition along a straight line away

from this enantiomer. The solution reaches equilibrium at the solubility line that corresponds to

T2 (point P2). Cooling can be continued until T = T3, where the solution reaches the eutectic

(racemic) through (point P3). If the solution is further cooled down (from T = T3 to T = T4),

equal amounts of the desired enantiomer 1 and the undesired enantiomer 2 will crystallise, while

the composition of the mother liquor will change along the eutectic through.

As a second example, a similar process for a system with compound formation is shown in

Fig. 2.5 b. Note, that here the enantiomer 2 is the target product. Crystallisation starts at T = T1.

The mother liquor reaches equilibrium at the eutectic through in point P3 for the minimum tem-

perature T3. Cooling below T = T3 will lead to the additional formation crystals of the racemic

compound (and, thus, to an impure solid product). The purity of the mother liquor will remain

constant, since its composition will change only along the eutectic through.

In the two examples above, the temperature T = T3 represents the minimum temperature tole-

rable to guarantee for enantiomerically pure crystals from a solution with initial composition P0.

Knowledge of this temperature obviously is very important for process design. A method for its de-

termination is introduced in Chapter 6. The amount of crystals formed in a crystallisation process

depends on the operating conditions (temperature and purity of the feed). A detailed discussion of

this aspect is also included in Chapter 6.

2.2.4 Modelling

Modelling approaches of different complexity are in use for crystallisation processes (as is the

case in chromatography, see section 2.1.4). A complete model would have to consider numerous

parameters; for example, the SLE, operating temperatures and cooling profiles, kinetics of growth

and nucleation, stirring rate and hydrodynamics, and particle size distribution (PSD) [111].

In particular one should distinguish between models that treat the solid as a pseudo-homogeneous

phase and models that include a description of the PSD. Detailed modelling of the dynamic deve-

lopment of a PSD is a complex task and leads to numerically challenging models. As a simplifica-

tion, moment methods might be used to simplify the treatment of the PSD. An introduction is given

in [112]. Further comprehensive treatments of modelling and design of crystallisation processes

were given, for example, by MERSMANN [111] and RANDOLPH and LARSON [113].

For the conceptual design and an a priori evaluation of the process combination of chromatography

and crystallisation the above-mentioned detailed modelling approaches are not required. Here,

an equilibrium model for crystallisation will be used to study the impact of the SLE on process

performance. The model is based on an appropriate description of the solid-liquid equilibrium and

treats the crystals as a pseudo-homogeneous phase. It is presented in detail in Chapter 6.
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2.2.5 Design Aspects

There are different factors that influence performance and product quality in selective cooling

crystallisation processes. The most important are

- the solid-liquid equilibrium (determines feasibility and yield in selective crystallisations),

- the operating temperature,

- the supersaturation,

- the metastable zone width (characterising the “readiness” of the system to form nuclei),

- kinetics of mass transfer (influences the necessary residence time in continuous crystallisers),

- the crystal structure or morphology (which is closely related to the SLE),

- particle phenomena like nucleation, growth, and breakage (these influence the PSD and,

therefore, also subsequent process steps like filtering and washing),

- the mode of operation (continuous/discontinuous).

For the design of a specific separation by crystallisation, many of the above aspects have to be

investigated experimentally. Numerous publications exist on parameter determination and design

of crystallisation processes. Reviews on the topic can be found, for example in [111, 113].

In this work, special emphasis is put on the equilibrium design of crystallisation processes. There-

fore, the first two points of the list above are of particular importance and will be treated in detail

in Chapter 6.



3

MODEL SYSTEMS

Model-based studies of chemical processes require a reliable basis of experimental

data. In this work, the process combination of continuous chromatography and enan-

tioselective crystallisation will be investigated considering three different experimental

systems: mandelic acid (system I), threonine (system II), and a substance denoted as

PDE (system III). The most important parameters are related to the thermodynamic

equilibria involved (i.e., the adsorption isotherms and the ternary solid-liquid equili-

bria).

This chapter summarises the corresponding parameters that were either obtained ex-

perimentally or extracted from literature sources.

3.1 System I – Mandelic Acid

Mandelic acid is the most intensely studied compound in this work. It is a cyclic carboxylic

acid with the sum formula C6H5–CH(OH)–COOH (molar weight 152.15). Figure 3.1 shows the

structures of the two enantiomers. The asymmetric centre (the α-carbon atom next to the carboxyl

group) has attached to it a hydroxyl group and a single hydrogen atom. Mandelic acid is a strong

acid with a pKa-value of about 3.4. Its enantiomers have rather high specific optical rotatory

powers of [α]20
D ≈ ±156◦. [114]

Figure 3.1. System I. R-(–)-mandelic acid (left) and S-(+)-mandelic acid (right).

Industrially, mandelic acid is produced by hydrolysis of mandelic acid nitrile (which in turn is ob-

tained from the conversion of benzaldehyde and hydrogen cyanide) or, alternatively, by hydrolysis

of α, α-dichloroacetophenone [115]. The compound is of some therapeutic importance because

of its analgesic, spasmolytic, and anti-rheumatic effects. Furthermore, mandelic acid is frequently

used in chiral syntheses, for example as a chiral building block or resolving agent [115]. Thus, as

regards enantiomers, mandelic acid is a rather well-studied substance.
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3.1.1 Chromatographic Separation

Chromatographic Systems

Six different chromatographic systems are considered for the separation of mandelic acid enantio-

mers. They are summarised in Tab. 3.1.

Table 3.1. Chromatographic systems for mandelic acid separation. The last column indicates the availability

of ternary solubility data for the system (denoted by ◦; see next section for corresponding SLE).

No. T [ ◦C] CSP Mobile phase1 Ref. SLE

I.a 40 1 EtOH:H2O (1:1 v/v), unbuffered [57, 116] –
I.b 40 1 MeOH:0.3M TEAAc (20:80 v/v), pH=4.02 [57, 116] ◦
I.c 40 1 EtOH:0.36M TEAAc (1:1 v/v), pH=6.56 [57, 116] –
I.d 40 1 MeOH:MeCN:TEAAc:HOAc (54.5:45:0.25:0.25 v/v) [57, 116] –

I.e 20 2 MeCN:HOAc:0.05M AAc (4.5:9.1:86.4 v/v), pH=3.0 [57] ◦
I.f 23 3 MeOH:0.3M TEAAc (20:80 v/v), pH=4.1 [61] ◦

Three different CSPs were used. CSP1 is an analytical column Chirobiotic T column. “T” stands

for the chiral selector Teicoplanin (an antibiotic) that is covalently bound to a silica support.

The column’s dimensions are 150 × 4.6 mm, with a particle diameter of dp = 5μm, and a po-

rosity of ε = 0.683. CSP2 is an analytical Nucleodex β-OH column (200 × 4 mm, dp = 5μm,

ε = 0.798). The chiral selector here is β-cyclodextrine. CSP3 is a semi-preparative Chirobiotic T

column. Thus, in comparison to the other CSPs it has larger dimensions and particle size

(150 × 10 mm, dp = 16μm, ε = 0.775).

Adsorption Isotherms

Adsorption isotherms of mandelic acid enantiomers were measured for all chromatographic sys-

tems listed in Tab. 3.1. The first four systems (I.a through I.d) were examined by JANDERA and

co-workers, who performed frontal analysis experiments [116]. Isotherms for systems I.e and I.f

were determined by the author of this work. For system I.e also frontal analysis was used [57],

while a perturbation method was applied to system I.f [61]. The retention times measured for this

system are listed in Tab. B.7. For further details on experimental techniques and parameter estima-

tion see the references given. More information on methods for adsorption isotherm determination

can be found in the literature; see, for example, [63, 81, 117].

Table 3.2 contains the obtained multi-component adsorption isotherm parameters. For systems I.a

through I.e isotherms were described by the LANGMUIR model, see Eq. (2.4). For system I.f a bi-

LANGMUIR isotherm is given (Eq. (2.6)). The third column contains the upper concentration limit

for each isotherm. Please note, that these are not related to the solubility, but to the experimental

separability of the enantiomers (i.e., at high concentrations the resolution of binary breakthrough

1 Abbreviations: AAc – ammonium acetate, EtOH – ethanol, MeCN – acetonitrile, MeOH – methanol, HOAc – acetic

acid, TEAAc – triethylammonium acetate.
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curves and of perturbation responses vanishes). The last column lists the separation factors at

infinite dilution according to Eq. (2.5).

Table 3.2. Adsorption isotherms of mandelic acid enantiomers for the systems listed in Tab. 3.1.

System Enan- cmax
i qI

s,i bI
i qII

s,i bII
i α

tiomer [g/l] [g/l] [l/g] [g/l] [l/g] [ - ]

I.a R-(–) 15.2 1.27 0.6336 – – 4.33
S-(+) 15.2 3.28 0.0567 – –

I.b R-(–) 15.2 77.8 0.0207 – – 1.40
S-(+) 15.2 261.2 0.0044 – –

I.c R-(–) 54.8 181.3 0.0064 – – 1.14

S-(+) 54.8 168.9 0.0060 – –
I.d R-(–) 38.0 155.1 0.0086 – – 1.24

S-(+) 38.0 276.4 0.0039 – –
I.e R-(–) 5.0 70.6 0.1222 – – 1.07

S-(+) 5.0 72.5 0.1111 – –

I.f R-(–) 7.5 142.0 0.0073 3.19 0.7041 2.87
S-(+) 7.5 142.0 0.0073 3.19 0.0273
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Figure 3.2. Single component adsorption iso-

therms for R-(–)- and S-(+)-mandelic acid cor-

responding to the parameters given in Tab. 3.1.

Inset: magnification for low concentrations.

Figure 3.2 contains the single-component iso-

therms corresponding to the parameters given

in the table above. Significant differences exist

between the individual systems concerning sepa-

ration factor, linearity, and concentration range.

While, for example, the isotherms of system I.e

have a steep slope, but a low separation factor

at very limited concentrations, system I.c reveals

a higher separation factor even at comparatively

high concentrations. For system I.a, even a se-

lectivity reversal at ci ≈ 9 g/l is predicted.

It can be expected that the performance of a

chromatographic separation process will be very

different for each of these systems. This is stu-

died in detail for SMB processes in Chapter 4

for systems I.a through I.e. Furthermore, in

Chapter 7 system I.f together with systems II and

III (see following sections) are used to investigate the performance of the process combination of

chromatography and crystallisation. For this evaluation, relations for pressure drop and column

efficiency are necessary, which are specified in the following.
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Pressure drop and column efficiency

For system I.f the dependence of pressure drop and theoretical plate height on flow rate was de-

termined experimentally in the range of 0.5. . .10.0 ml/min. From analytical pulse injections of

the two enantiomers, a mean value of the plate heights was determined from Eq. (2.17). A linear

dependency was found in this range. Thus, the VAN-DEEMTER equation (2.18) reduces to:

HETP = A+ Cu (3.1)

The following values were determined: A = 0.0082 cm and C = 0.0023 min.

For the semi-preparative Chirobiotic T column used, the pressure drop over column length depends

linearly on the superficial velocity:

Δp

Lc
= k0u0 (3.2)

This equation is similar to DARCY’s law (see, e.g., [63]); Lc denotes the column length and k0 a

proportionality parameter. For system I.f a value of k0 = 0.2232 bar min/cm2 was determined.

3.1.2 Ternary Solubility Equilibria

Solubility data for mixtures of mandelic acid enantiomers are available for three of the chroma-

tographic systems in Tab. 3.1, namely for systems I.b, I.e, and I.f [118, 119]. (Note that the

composition of system I.b basically corresponds to that of system I.f.) The corresponding ternary

SLE are shown in Figs. 3.3 (I.b and I.f) and 3.4 (I.e).

(1) (2)

(3)

0 20 40 60
0

0.2

0.4

0.6

0.8

T [°C]

x 1

Figure 3.3. Left – Ternary SLE for mandelic acid enantiomers in methanol:water 20:80 (sys-

tems I.b and I.f) between 0 and 60 ◦C. 1, 2, and 3 denote (+)-enantiomer, (–)-enantiomer, and

solvent, respectively. Right – corresponding solubility of the single enantiomer 1 at different pu-

rities. Symbols – experimental data from [119] (see Tab. B.1): • – pure enantiomer, � – eutectic

through, � – racemic through. Solid lines – obtained from the SLE model derived in Chapter 6.
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The left side of each diagram contains the ternary representation of the SLE. The right side

shows the solubility of the single enantiomer 1, x1, at different enantiomeric purities (i.e., x1

for pure enantiomer, x1 at racemic composition, and x1 along the eutectic through). Symbols re-

present experimental data, while solid lines are calculated from an SLE model which is derived in

section 6.1.2. For a fundamental explanation of SLE for enantiomeric systems see section 2.2.
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Figure 3.4. Solubility of mandelic acid enantiomers between 0 and 60 ◦C in acetonitrile/water

4.5/95 (system I.e in Tab. 3.1). Data points from [118]; see Tab. B.2. For notation see Fig. 3.3.

Figure 3.5 contains a third solubility equilibrium (mandelic acid in water) that was taken from

[120]. This SLE will be applied as a surrogate for systems where the actual SLE is not available

(i.e., for systems I.c and I.d, respectively). This rather well-examined system is also used to derive

the SLE model in section 6.1.2.
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Figure 3.5. Solubility of mandelic acid enantiomers between 0 and 40 ◦C in water (surrogate

system). Data points from [118]; see Tab. B.3. For notation see Fig. 3.3.
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3.2 System II – Threonine

Threonine is a natural amino acid that contains two chiral centres. Therefore, four diastereo-

mers of the compound are possible. Subject of this work are the two enantiomers L-threonine or

(2S,3R)-2-amino-3-hydroxy butanoic acid and D-threonine or (2R,3S)-2-amino-3-hydroxy buta-

noic acid. Figure 3.6 shows the structure of the two enantiomers. The L-form corresponds to the

(–)-enantiomer.

Figure 3.6. System II. L-threonine (left) and D-threonine (right).

Threonine is an amphoteric compound (i.e., it has acidic and basic properties). The two pK-values

are pK1 = 2.2 (COOH) and pK2 = 9.1 (NH+
3 ). The sum formula of threonine is C4H9NO3

(molar weight 119.1 g/mol). [114] Commercially interesting is mostly the essential amino acid

L-threonine, which is produced by fermentation [121].

3.2.1 Chromatographic Separation

Adsorption isotherms for D- and L-threonine were determined for the semi-preparative

Chirobiotic T column that was also used for mandelic acid (system I.f, CSP3, see p. 40). The

results of this study were not previously published, therefore a brief overview will be given below.

A 60:40 (v/v) ethanol:water mixture was used as eluent. The porosity of the column was deter-

mined to ε = 0.753 from injections of small amounts of methanol. Experiments were carried out

at ambient temperature (23 ◦C) using the perturbation method. This technique is based on the ap-

plication of a small disturbance (perturbation) to a column that is pre-equilibrated with a mixture

of the compounds to be separated. A number of responses result equal to the number of adsor-

bed species (here: two). Perturbations were repeatedly applied at different levels of equilibration

concentrations. Using Eq. (2.15) the retention times of the responses can be fitted to the local

derivatives of the adsorption isotherms. For more details about the perturbation method see, for

example, [117].

Perturbations were applied by injecting 20 μl of either pure eluent or mixtures of different en-

antiomeric purity at different flow rates (1, 2, and 2.5 ml/min). Measured retention times and

corresponding conditions are listed in Tab. B.8. It is noteworthy, that injections of pure eluent did

not allow to detect separated responses at concentration levels higher than ci = 2.5 g/l. With in-

creasing concentrations, the second response began to vanish and also tended to fall together with

the first response. However, injections of asymmetrical mixtures of the enantiomers led to detec-

table responses up to ci = 5 g/l. This approach was suggested by FORSSÉN et al., who published
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a very interesting paper on the problem of vanishing peaks in perturbation experiments for chiral

systems [122]. Here, it was found convenient to use injection concentrations that were slightly

lower than the equilibrium level for the less adsorbing enantiomer and slightly higher than this for

the stronger adsorbing enantiomer, respectively. One positive and one negative response resulted

that could be distinguished easily.

The bi-LANGMUIR equation, Eq. (2.6), was used to model the adsorption behaviour. The num-

ber of free parameters in this equation (initially: eight) was reduced using the following argu-

ments. i) Thermodynamically consistent behaviour was assumed, therefore qI
s,1 = qI

s,2 = qI
s and

qII
s,1 = qII

s,2 = qII
s . ii) There is one non-selective adsorption site (I) and one enantioselective site

(II), respectively. Thus, bI1 = bI2 = bI . This behaviour is often found for enantiomeric systems

[116]. iii) The initial slope of the isotherms is given by the HENRY coefficients, which were deter-

mined separately from analytical injections. This leads to Hi = qI
sb

I + qII
s b

II
i , i = (1, 2). These

five relations reduce the number of free parameters to three; namely qI
s , qII

s , and bI . A least-squares

method was used for fitting calculated and measured retention times.
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Figure 3.7. Determination of adsorption isotherms for system II. Left – dimensionless measured perturba-

tions (symbols); t0 calculated from Eq. (2.10). Fits from perturbation method (dotted lines) and peak-fitting

procedure (dashed lines). Right – series of overloaded injections (thick lines; V inj = 1000μl, cinj
i = 1, 2,

and 5 g/l, respectively). Line styles correspond to left panel.

A satisfactory fit of the retention times resulted from the above procedure, which is shown as dotted

lines in Fig. 3.7 (left). However, numerical simulations of a series of overloaded injections (using

the equilibrium-dispersive model, section 2.1.4) lead to a rather unsatisfactory agreement (dotted

lines in Fig. 3.7, right). In particular, there are deviations under strongly overloaded conditions. To

improve the agreement, these adsorption isotherms were used as starting values in a peak-fitting

procedure. A LEVENBERG-MARQUARDT procedure available in MATLAB (fmincon) was used

to minimise the sum of squares of the differences between all three experimental and simulated

chromatograms, respectively. The results are shown as dashed lines in Fig. 3.7. While the fit of

the retention times somewhat worsened, the chromatograms are now described with reasonable
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accuracy. The most noticeable deviation remaining is found at the dispersive front of the stronger

adsorbing D-enantiomer. The retention times of this front apparently increase with increasing

injection concentrations. However, this is in conflict with the decreasing retention times of the

perturbations. Therefore, it is concluded that this behaviour is not caused by equilibrium but must

be attributed to higher dispersion, which is typically found in chiral chromatography for stronger

retained components.

The following adsorption isotherm parameters resulted (in brackets: initial values from perturba-

tion method): qI
s = 1486 g/l (3165), qII

s = 29.8 g/l (7.82), bI = 3.16 · 10−5 l/g (1.74 · 10−4). Ob-

viously, the peak fitting procedure predicted a lower capacity and almost linear behaviour for the

non-selective site I, while for site II a higher capacity and a lower nonlinearity was obtained. The

complete adsorption isotherms corresponding to these results read (units omitted; ci, qi in [g/l]):

qi = 1486 · 3.16 · 10−5 c1
1 + 7.32 · 10−5(c1 + c2)

+ 29.8 · 0.0312c1
1 + 0.0312c1 + 0.0504c2

(3.3a)

qi = 1486 · 3.16 · 10−5 c2
1 + 7.32 · 10−5(c1 + c2)

+ 29.8 · 0.0504c2
1 + 0.0312c1 + 0.0504c2

(3.3b)

In the above, indices 1 and 2 denote the less adsorbing L-enantiomer and the stronger adsorbing

D-enantiomer, respectively. These adsorption isotherms result in a separation factor at infinite

dilution of α = 1.59. They are valid up to concentrations of ci = 5 g/l.

Pressure drop and column efficiency

The dependency of column efficiency and pressure drop for system II was determined using the

same procedure as described for system I.f (see page 42). The resulting parameters for theHETP -

correlation Eq. (3.1) are A = 0.0011 cm and C = 0.0041 min, respectively. For the constant in the

pressure-drop correlation Eq. (3.2), a value of k0 = 0.2804 bar min/cm2 was determined.

3.2.2 Solubility Equilibrium

Solubility data for threonine enantiomers in the chromatographic solvent (60:40 ethanol:water)

were taken from [118] and are shown in Fig. 3.8. Raw data are compiled in Tab. B.4. Obviously,

the solubilities of the threonine enantiomers are very low in comparison to the mandelic acid SLE

above.

From the figure it can be seen that there are only few SLE data points available. Thus the course of

the solubility interpolations (Fig. 3.8, right) cannot be ensured. Predictions from the SLE model

should therefore be handled with care. However, the model is expected to correctly predict the

general trends.
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Figure 3.8. Ternary solubility equilibrium threonine enantiomers in ethanol:water 60:40 (v/v)

between 10 and 40 ◦C. Data points from [118]; see Tab. B.4 . The inset shows the ternary

solubility above a solvent content of 98%. For notation see Fig. 3.3.

3.3 System III – Pharmaceutical Intermediate PDE

The third system that is studied is an industrial pharmaceutical intermediate, which will be denoted

as PDE. The R-form corresponds to the (–)-enantiomer. No further specific properties about this

compound are available. However, some studies about the chromatographic separation and the

solubility of the two enantiomers are available in the literature [118, 123]. The author previously

published a study on the productivity of SMB processes for the separation of PDE enantiomers

[58].

An interesting feature of this system is that both adsorption isotherms and solubility data were

determined in the same pure solvent (acetonitrile). This is expected to simplify a transition between

chromatography and crystallisation in the process combination.

3.3.1 Chromatographic Separation

KNIEP et al. [123] determined adsorption isotherms for PDE in pure acetonitrile at 20 ◦C. They

used an analytical 250 × 4 mm Chiralpack AS CPS column (Daicel, Japan) with dp = 20μm and

ε = 0.73 (system ”B” in [123]). The determined selectivity at infinite dilution of α = 2.18

is relatively high for enantiomeric systems. The following LANGMUIR isotherms were reported

(units omitted; ci, qi in [g/l]):

q1 =
1.31c1

1 + 0.04c1 + 0.022c2
(3.4a)

q2 =
0.6c2

1 + 0.04c1 + 0.022c2
(3.4b)
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These isotherms are valid up to a maximum concentration of ci = 20 g/l. The corresponding single

component isotherms are plotted in Fig. 3.9.

0 5 10 15 20
0

5

10

15

 c
i
  [g/l]

 q
i  [

g/
l]

Figure 3.9. Single component adsorption isotherms for R- and S-PDE [123].

Pressure drop and column efficiency

The same approach was used as for systems I.f and II above. The resulting parameters for Eq. (3.1)

are A = 0.0161 cm and C = 0.0012 min, respectively. For the pressure-drop correlation Eq. (3.2),

a value of k0 = 0.0354 bar min/cm2 was found. The latter is significantly lower than for the other

two systems. The reasons for this are the low viscosity of Acetonitrile and the somewhat larger

particle size of this column (dp = 20 μm instead of 16 μm for CSP3).

3.3.2 Solubility Equilibrium

Solubilities for PDE in pure acetonitrile were published in [118]. The ternary SLE is shown in

Fig. 3.10. Raw data are compiled in Tab. B.5. The solubility of the enantiomers is very high.

For example, at 40 ◦C the solubility of enantiomer 1 at racemic composition is x1 ≈ 0.4 (i.e., the

solubility of the racemate corresponds to almost 80%).

3.4 Chemicals and Equipment Used

S-(+)- and R-(–)-mandelic acid (both 99%+), D-threonine (98%+), and DL-threonine (98%+)

were purchased from Sigma Aldrich (Steinheim, Germany), L-threonine (99%+) from Merck

(Darmstadt, Germany). Both enantiomers and the racemate of PDE (system III) were provided

by Schering (Berlin, Germany). All solvents (HPLC grade), and acetic acid (100% gradient grade)
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Figure 3.10. Solubility of PDE enantiomers between 10 and 40 ◦C in pure acetonitrile (system

III). Data points from [118]; see Tab. B.5. For notation see Fig. 3.3.

were from Merck. Ammonium acetate (98%) was from Sigma-Aldrich. Triethyl ammonium ace-

tate used was a 1% solution (Merck). Purified water was obtained from a Milli-Q gradient system

(Millipore, Molsheim, France).

For isotherm measurements for system I.f (mandelic acid) the following HPLC setup was used: an

HPLC pump (Model 2050; Kronlab Laborgeräte, Sinsheim, Germany), a manual injection valve,

a dual-wavelength UV detector (K2600; Knauer GmbH, Berlin, Germany), and a liquid flowmeter

(GJC Instruments, Merseyside, U.K.). An automated HPLC system (HP1000; Agilent Technolo-

gies, Waldbronn, Germany) was used for the perturbation measurements for system II (threonine).

It consisted of a quaternary pump, a degasser, a thermostated column compartment, a diode array

UV detector, and a workstation with software (Chemstations for LC 3D).

Density measurements of chromatographic solvents were performed at 25 ◦C using a pycnometer

(Brand GmbH, Wertheim, Germany). For the results see Tab. B.9.





4

IMPACT OF ADSORPTION ISOTHERMS

ON SMB PROCESSES

Motivation for the process combination suggested in Chapter 1 is the improvement of

overall process performance. However, before investigating the integrated scheme as

a whole, the behaviour of the individual unit operations should be examined under the

specific requirements that result from coupling the two processes.

Of particular interest is here the impact of the involved thermodynamic equilibria on

process performance. Since it is expected that the main benefit of the process combina-

tion results from the lowered purity requirements in the SMB separation, this chapter

will address the impact of adsorption isotherms and lowered purity requirements on

the productivity of SMB processes.1

4.1 Background

Often there are several chromatographic systems (i.e., combinations of mobile and stationary

phase) available to perform a specific separation. Most probably, these systems will differ si-

gnificantly with respect to their adsorption isotherm parameters, like separation factor, column

efficiency, loading capacity, and isotherm nonlinearity. The impact of all these parameters on pro-

cess performance appears to be well-understood for preparative batch chromatography. However,

there is a lack in systematic studies of the impact of isotherm parameters on SMB performance; in

particular, under reduced purity requirements.

In this study five different chromatographic systems capable of separating the enantiomers of man-

delic acid (model systems I.a through I.e; see section 3.1) will be compared with respect to the

achievable productivities using SMB chromatography. The analysis will be performed analytically

based on an equilibrium model for the SMB process and, subsequently, numerically by using the

equilibrium dispersive model (see section 2.1.4).

1 A part of the results presented in this chapter were previously published by the author [57, 58].
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4.2 Theoretical Fundamentals

4.2.1 Performance Parameters

The main parameters used in this section in order to characterise the performance of a continuous

chromatographic separation are product purity and specific productivity. The purity at the ports for

raffinate and extract, PR and PE , are defined with respect to their target components (see Fig. 2.1):

PR =
cR1

cR1 + cR2
· 100% (4.1a)

PE =
cE2

cE1 + cE2
· 100% (4.1b)

where cR1 and cE2 are the corresponding outlet concentrations. The specific productivity for com-

ponent i, PR, will be defined as the ratio of feed flux and volume of stationary phase:

PR =
QF cFi

NC (1 − ε)Vc
(4.2)

In Eq. (4.2), NC , Vc, and ε are the number of columns in the SMB unit, their volume, and the

porosity, respectively.

4.2.2 Isotherm Model

In this chapter the multi-component LANGMUIR adsorption isotherm defined in Eq. (2.4) will be

considered. For the mentioned investigations based on an equilibrium model, thermodynamic

consistency will be required (i.e., qs,i = qs; see remarks on p. 25) [83]. In this case it follows from

Eq. (2.5) for the equilibrium parameter b2 = αb1. Further, it will be assumed that a racemic feed

has to be separated, thus cF1 = cF2 = cF . From this and from Eq. (2.4) one obtains the following

two (thermodynamically consistent) adsorption isotherms:

q1 = qs
b1c

F

1 + (α+ 1)b1cF
(4.3a)

q2 = qs
αb1c

F

1 + (α+ 1)b1cF
(4.3b)

Thus, in the equilibrium-based investigations of the SMB process only the isotherm parameters α,

qs, b1, and cF have to be considered, which simplifies the analysis.

4.2.3 Equilibrium Design of SMB processes

A valuable tool in the design of continuous chromatography is the design procedure developed by

STORTI, MAZZOTTI, MORBIDELLI, and co-workers (e.g., [84, 103, 124, 125]), who derived solu-

tions for the equilibrium model of a TMB process. Although their approach is valid only for the
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case of complete separation (i.e., pure extract and pure raffinate), it represents a helpful reference

– even for SMB processes with reduced purity requirements. In the following, the optimum ope-

rational parameters derived in [103] for the linear and LANGMUIR isotherms will be summarised.

Dimensionless Flow Rates

The essential design parameters in continuous chromatography are the dimensionless flow rate

ratios, γ j, which are defined as

γ j =
Qj

TMB

QS
, j = (I, II, III, IV ) (4.4)

where Qj
TMB is the flow rate of the liquid in zone j of a TMB unit and QS the flow rate of the solid

phase. To apply the γ j to an SMB process, one has to consider that with each switching event the

liquid inside the columns is moved together with the solid phase. Due to this, the actual flow rates

in a TMB and an SMB are different for the same values for γ j . The according definition of γ j for

an SMB process is

γ j =
Qj

SMB tS − Vcε

Vc(1 − ε)
(4.5)

where tS stands for the switching time.

Optimum Operating Points for Ideal Systems
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Figure 4.1. Regions of complete separation

points for system I.d (see section 3.1.1).

As concerns the actual separation of the two

components, it is most critical to properly ad-

just the operating conditions in the two separa-

tion zones II and III of an SMB unit (provided

that regeneration is sufficient in the regeneration

zonesIand IV ; see Fig. 2.1).

Based on the equilibrium model, a triangu-

lar region of complete separation in the two-

dimensional parameter space γII/γIII was deri-

ved in [103]. Figure 4.1 shows this solution for a

linear and a LANGMUIR isotherm, respectively.

Any operating point inside the regions will re-

sult in pure raffinate and extract products. Ope-

ration outside the “triangle” will lead to impure

raffinate, extract, or both. The optimal operating

point in terms of throughput and desorbent consumption is represented by the vertices of the re-

gions in Fig. 4.1, because the distance towards the 45◦-line is directly proportional to the feed flow

rate. See [103] for details on the construction of the separation regions.



54 4 IMPACT OF ADSORPTION ISOTHERMS ON SMB PERFORMANCE

In the case of linear adsorption isotherms, Eq. (2.2), the optimal operating point is given by the

following values for the flow rate ratios γ j :

γI
opt = γIII

opt = H2 (4.6a)

γII
opt = γIV

opt = H1 (4.6b)

where H1 and H2 are the HENRY coefficients of the less and stronger adsorbing components 1

and 2, respectively.

Using the thermodynamically consistent LANGMUIR isotherm, Eq. (4.3), the following optimal γ j

for complete separation can be derived from the expressions given in [103]:

γI
opt = αqsb1 (4.7a)

γII
opt =

ωG

α
(4.7b)

γIII
opt = ωG

ωF (α− 2) + qsb1
αqsb1 − ωF

(4.7c)

γIV
opt =

1

2

(
K −

√
K2 − 4qsb1γIII

opt

)
whith K = qsb1 + γIII

opt + b1c
F
(
γIII

opt − γII
opt) (4.7d)

In the above, ωG > ωF > 0 are the solutions of the quadratic equation

(
1 + b1c

F + αb1c
F
)
ω2 − (1 + α+ 2αb1c

F )qsb1ω + αq2
sb

2
1 = 0 (4.8)

From Eqs. (4.7) and (4.8) it can be seen that the optimal operating point for nonlinear isotherms

depends on the feed concentration cF .

Operating Points for Real Systems

The relations above were derived from an equilibrium model (i.e., for infinite column efficiency).

The reader will find it plausible that these values do not apply to real systems with finite efficiency.

A simple way, which is often used in practise, to consider the deviation from ideal behaviour is to

introduce safety factors, β j, in order to correct the flow rate ratios, γ j , in the direction required:

γj = βjγj
opt , j = (I, III) (4.9a)

γj =
1

βj
γj

opt , j = (II, IV ) (4.9b)

For complete separation, β j ≥ 1. In general, the stronger the dispersive effects, the higher the

safety factors that have to be chosen.

Switching Time and Flow Rates from Pressure Drop Correlation

The productivity optimum of preparative chromatographic separations is often achieved at the

highest flow rate possible [63]. Thus, usually constraints related to pressure drop and limits of the
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pumps are essential.2 The pressure drop, Δp, can roughly be estimated as a function of flow rate

according to [63]:

Δp =
uLcη

kd2
p

(4.10)

with u from Eq. (2.9). In Eq. (4.10) k, η, and dp are the permeability, the viscosity, and the particle

diameter, respectively. Note that Eq. (4.10) differs from Eq. (3.2), which applies only for a given

column (in contrast to the relation above). Within an SMB unit Δp depends on the configuration

of the plant (i.e., type, number, and arrangement of columns; positioning of the pumps). Since here

such aspects are of less interest, the highest flow rate within the unit is taken as a critical measure

for Δp. This highest flow usually occurs in zoneI. Therefore, it follows from Eqs. (4.5) and (4.10)

for the maximum flow rate, QI
max:

QI
max = k0

εAcd
2
p

Lcη
Δpmax (4.11)

where Δpmax is the maximum tolerable pressure drop in zone I. If γI is given from the design

equations above, it follows from Eqs. (4.11) and (4.5) for the switching time, tS

tS =
Vc

[
γI(1 − ε) + ε

]
QI

max

(4.12)

With the γ j and tS known, all internal flow rates, Qj , can be calculated from Eq. (4.5), while the

external streams (feed, raffinate, extract, and desorbent) correspond to the differences between the

streams in adjacent zones (see Fig. 2.1).

4.2.4 Determination of Productivities from Equilibrium Design

Under equilibrium conditions an analytical expression for the productivity can be derived on the

basis of Eq. (4.2). Considering that the feed flow is equal to QF = QIII − QII , it follows from

Eqs. (4.2), (4.5), and (4.12)

PR =
QI

maxc
F

nVc
· γIII − γII

γI(1 − ε) + ε
(4.13)

This is a rather general expression for the productivity of an SMB process. The highest productivity

corresponds to the highest possible difference between γIII and γII and to the lowest value for γI .

However, Eq. (4.13) is yet of rather limited use since the products’ purity depends on the values for

γ j . By substitution of the expressions for the optimal γj into Eq. (4.13), it follows from Eqs. (4.6)

and (4.13) under linear conditions:

PR opt
100 =

QI
maxc

F

nVc
· H1(α− 1)

H1α(1 − ε) + ε
(4.14)

2 It is worth mentioning that JUPKE et al. [99] found that there is an infinite number of possible designs for maximum

productivity which do not necessarily require maximum pressure drop. However, since in this work column efficiency

is considered independent of flow rate, the above approach holds.
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Here the index ”100” denotes complete separation (100% product purity). An analogous expres-

sion can be derived for the case of the consistent nonlinear LANGMUIR by using Eqs. (4.7) and

(4.13):

PR opt
100 =

QI
maxc

FωG

nVc

[
αqsb1(1 − ε) + ε

] · (α− 1)2

α2qsb1
(4.15)

From expressions (4.14) and (4.15) the maximum productivity achievable in an ideal SMB unit

can be explicitly calculated under the assumptions of infinite column efficiency and complete se-

paration. Based on this, in the next section an analysis of the model systems will be performed.

Note that for real systems (finite efficiency, incomplete separation) such analysis can be performed

only by numerical simulations. The results of such a study will be compiled in section 4.4.

4.3 Analysis for Pure Products Based on Equilibrium Design

4.3.1 Parameter Specifications

As mentioned before, for this study were used five of the mandelic acid systems (I.a through I.e).

For a summary of the chromatographic parameters see Tabs. 3.1 and 3.2. Since the volume of

stationary phase is needed in order to calculate the specific productivity, the number of columns

had to be specified. Here an SMB unit with one column per zone was assumed.

For the two chromatographic columns, the maximum tolerable pressure drop is approximately

Δpmax = 100 bar. Eq. (4.11) was used to determine maximum flow rates, QI
max from this value.

For this purpose, the viscosity and permeability of water at 20 ◦C (i.e., k0 ≈ 10−3 and η = 1.0 cP)

were applied. The results were QI
max = 1.135 ml/min (systems I.a – I.d) and 0.713 ml/min (system

I.e), respectively. To allow for a comparison based on the adsorption isotherms rather than on

hydrodynamic constraints, in the following the same maximum flow rate of QI
max = 1.0 ml/min

will be assumed for all systems.3

4.3.2 Definition of Reference Isotherms

As shown above, the use of thermodynamically consistent LANGMUIR adsorption isotherms sim-

plifies the analysis of continuous chromatographic enantioseparations. However, the experimental

isotherms for mandelic acid deviate more or less from the consistency condition of equal saturation

3 This represents a rather low value when considering preparative applications. The reason for this is that analytical co-

lumns (small particle sizes, high length/diameter ratios) were examined here. However, the determined productivities

are scalable, since in this work it is assumed that there is no impact of the flow rate on column efficiency.
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capacities, qs. Since system I.c reveals the smallest deviations from this condition (see Tab. 3.2),

the parameters of this system were used to derive a set of consistent reference isotherms. The

separation factor was held constant; therefore αref = α = 1.14. For qs and b1 resulted 180 g/l and

0.0057 l/g, respectively. The two reference isotherms corresponding to Eq. (4.3) are

qref
1 = qref

s

bref1 cF

1 + (αref + 1)bref1 cF
=

1.026cF

1 + 0.0122cF
(4.16a)

qref
2 = qref

s

αrefbref1 cF

1 + (αref + 1)bref1 cF
=

1.1696cF

1 + 0.0122cF
(4.16b)

Assuming the hypothetical situation that the initial isotherm slopes in Eqs. (4.16) continue to hold

also at higher concentrations, the following linear reference isotherm equations were obtained:

qref
1 = Href

1 = 1.026cF (4.17a)

qref
2 = αrefHref

1 = 1.1696cF (4.17b)

4.3.3 Results for the Model Systems

As can be seen from Fig. 3.2, the adsorption isotherms of the model systems differ significantly

with respect to separation factor, loading capacity, and concentration range. While three isotherms

for the Teicoplanin stationary phase (systems I.b through I.d) appear somewhat similar with respect

to their selectivity and their slope at infinite dilution, for system I.d (Cyclodextrine CSP) a steep

slope at infinite dilution but a lower selectivity can be observed. Since the (unbuffered) system I.a

reveals a complex behaviour (i.e., a selectivity reversal at higher concentrations), this system was

not considered further in the study presented here.

Using the parameters listed above, the productivities for the different chromatographic systems

were calculated from Eqs. (4.14) and (4.15), respectively. The maximum productivities (obtained

from maximum feed concentrations) are listed Tab. 4.1. The results reveal that – as one would

expect – the productivity rises with increasing separation factor, α. Due to this, for system I.d a

very low productivity is obtained that must be considered unsatisfactory for preparative purposes.

Furthermore, isotherm nonlinearity has a strong influence and limits achievable values for PR.

Figure 4.2 shows the influence of the feed concentration. For all systems PR increases monoto-

nously with increasing cF and reaches a saturation level for cF → ∞. This is in agreement with

the findings in [103]. Note that the results for the reference isotherms, Eq. (4.16), are in reasonably

close agreement to the results for the isotherms they were derived from (system I.c).

In the next section, the influence of the individual isotherm parameters will be investigated in more

detail.
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Table 4.1. Maximum theoretical produc-

tivities obtained for a four-column SMB

unit for the complete separation of mande-

lic acid enantiomers (using cF
i = cF

max, see

Tab. 3.2).

system α PR opt
100 [g · l−1d−1]

[−] linear nonlinear

I.a 4.33 n.e. n.e.

I.b 1.4 835.4 461.7
I.c 1.14 1010.6 188.7

I.d 1.24 1183.1 381.3
I.e 1.07 143.3 7.9

ref 1.14 984.2 177.9 Figure 4.2. Dependence of theoretical productivities on

feed concentration for the nonlinear isotherms. Dashed line

– reference isotherm; solid lines – systems I.b through I.e.

4.3.4 Parametric Study Based on a Reference Isotherm

A parametric study was performed using the reference isotherms, Eqs. (4.16), to examine the role

of the individual isotherm parameters. These were separation factor and HENRY constant in the

linear case, and separation factor, saturation capacity, and energy parameter in the LANGMUIR

case, respectively. Each parameter was varied systematically and the according productivities

were calculated from Eqs. (4.14) and (4.15), respectively.

Figure 4.3. Dependence of productivity

on separation factor α and HENRY constant

H1 for the linear reference isotherm.

Figure 4.4. Dependence of productivity on separa-

tion factor α, saturation capacity qs, and energy pa-

rameter b1 for the LANGMUIR reference isotherm.
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Figure 4.3 illustrates the effects of separation factor, α, and HENRY constant, H1, on the pro-

ductivity for linear isotherms. The abscissa shows the ratio of the actual parameter (α or H1) to

the respective reference parameter (αref or Href
1 ), while the ordinate is the ratio of the actual pro-

ductivity to the corresponding productivity for the reference parameters (see Tab. 4.1). It can be

estimated that a hypothetical doubling of the HENRY constant H1 (while keeping all other para-

meters constant) leads to a 1.5-times higher productivity. However, the impact of the separation

factor is much more significant. For α = 2αref the productivity increases to the seven-fold value.

This indicates the trivial rule that high selectivities are desirable. Note, that the observed impact of

the HENRY constants on PR is in conflict with the claim made in [126] that low HENRY constants

are preferable in SMB applications.

Fig. 4.4 shows the impact of the parameters qs, α, and b1 on productivity in an analogous manner

as in Fig. 4.3. Obviously, the dependencies are more complex in the nonlinear case. However,

it is evident that again the most significant impact on process productivity originates from the

separation factor. The strongly increasing PR for very low values of the equilibrium parameter b1
emphasises again the significance of isotherm nonlinearity.

Parameter Sensitivities

The role of an individual parameter can be better quantified using the sensitivity of the productivity

with respect to this parameter. A normalised sensitivity is defined by

SPAR
PR =

PAR

PR
· ∂PR
∂PAR

(4.18)

where SPAR
PR is the sensitivity of the productivity, PR, with respect to a certain parameter, PAR.

A value for SPAR
PR can be understood as the change of productivity in percent that results from a

corresponding change of the actual isotherm parameter.

In the hypothetical linear case, the partial derivatives in Eq. (4.14) can easily be calculated. The

resulting parameter sensitivities are

S α
PR =

H1(1 − ε) + ε

αH1(1 − ε) + ε
· α

α− 1
(4.19a)

S H1
PR =

ε

αH1(1 − ε) + ε
(4.19b)

The following sensitivities result from Eq. (4.19): S α
PR = 7.79 and S H1

PR = 0.65. These results

emphasise the finding described above that the separation factor, α, has a dominating impact on

productivity. Increasing α by 1% will lead to a remarkable increase in productivity (about 8%).

Increasing the HENRY constant will also lead to higher PR, but the improvement is less than 1%.

For the nonlinear isotherms, the according derivatives of Eq. (4.15) are rather “voluminous”. In

this case it was found more expedient to approximate the sensitivity by the corresponding finite

differences

SPAR
PR =

PAR

PR
· ΔPR

ΔPAR
(4.20)
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For the reference isotherm parameters the following values were calculated from Eq. (4.15) for

shifting each parameter PAR by 1%: S α
PR = 13.6, S qs

PR = 0.65, S b1
PR = −0.24 (for qsb1 �= const.),

and S b1
PR = −0.89 (for qsb1 = const.). Obviously, the influence of the separation factor is even

more pronounced in the nonlinear case than for a linear isotherm. The magnitude of the effects qs
and b1 are comparable to that of the HENRY constant above.

4.4 Analysis for Variable Purity Based on Numerical Simulations

It is clear in general that prediction based on Eq. (4.13) will be too optimistic when considering the

limited efficiency of real SMB plants. Furthermore, the mentioned equation applies for complete

separation only. Therefore, in this section numerical simulations using a more detailed model will

be applied to study the impact of reduced purity requirements on SMB performance.

4.4.1 Parameter Specifications

Figure 4.2 emphasises that the highest productivity in an SMB process is achieved for the highest

feed concentrations [57, 103]. Therefore, in the numerical study of the SMB process below, again

the highest feed concentrations was assumed. For the flow rate in zone I, again the value of

QI = 1 ml/min was applied.

To solve the equilibrium dispersive model (section 2.1.4), it was necessary to specify the number

of theoretical plates, NTP . The value determined experimentally for both column types was

NTP≈1000 at a flow rate of Q = 1.0 ml/min [57]. The application of this number in the model

requires rather long computation times. However, since it is well known that for a sufficiently

high number of theoretical plates the SMB process becomes less sensitive to NTP (e.g., [63]),

the application of lower numbers was possible without considerably affecting the accuracy of the

results. Satisfactory convergence of the solutions was observed for plate numbers higher than

250 for each column. Hence, for all SMB calculations presented below, 300 theoretical stage per

column were applied. For the SMB unit, again a configuration with one column per zone was used.

4.4.2 Separation Regions for Varying Outlet Purity

The representation of operating points in the γII/γIII -diagram is a comprehensive tool when ana-

lysing SMB separations. However, the separation regions defined in Fig. 4.1 apply to complete

separation in an infinitely efficient TMB process only. If, in contrast, column efficiency is limited

and purity requirements are reduced, the analytical solution above may only serve as a rough indi-

cation. In this case, it is expedient to define separation regions for certain minimum values of the
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outlet purities PR and PE . Such region is then defined by

{
(γII , γIII) : PR ≥ P, PE ≥ P

}
(4.21)

To answer the question, how these regions and the according optimal γ j depend on purity requi-

rements, a systematic numerical “scan” over a sufficiently narrow equidistant grid in the γII/γIII -

plane was performed. For each operating point, the steady-state solutions of the mathematical

model were calculated. In the calculations, γI and γIV were specified from the optimal values

according to equilibrium theory, that is from Eqs. (4.9a) and (4.9b), in combination with a ”small”

safety factor β = βI = βIV . The value of β was determined in preliminary calculations for each

chromatographic system by checking for selected operating parameters whether in zones Iand

IV complete regeneration was achieved. The lowest acceptable value of β was chosen. The swit-

ching time, tS , was calculated from Eq. (4.12) using QI = 1 ml/min and the determined value for

γI . Finally, all remaining internal and external flow rates were calculated.
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Figure 4.5. Example for separation regions as func-

tion of purity. Bold line – complete separation (equi-

librium theory, section 4.2.3). Parameters: system I.d,

cF = 10 g/l, βI = βIV = 1.2. Regions derived from

1480 calculations.

Typical results are shown in Fig. 4.5. The

bold line depicts the region of complete

separation from equilibrium theory. The

regions correspond to different minimum

outlet purities. Obviously, the lower the

purity the larger the separation region. For

example, it can be seen that the region for

90% purity almost coincides with the theo-

retical region of complete separation. This

means that for the four-column SMB sys-

tem studied here, the theoretical producti-

vity resulting from equilibrium theory can

be achieved only if the purity requirements

are lowered to about 90%.

It should be noted that the shape of the re-

gions and the position of their vertices (i.e.,

the most productive operating points) de-

pend strongly on the isotherm parameters

and the feed concentrations. However, for

all systems studied, with lower outlet purity the positions of the vertices change in a similar way as

shown in Fig. 4.5. That is, at first the optimum moves towards lower γII and γIII . After falling be-

low a certain intermediate purity, optima move towards higher γIII while γII is decreasing. Finally,

it is worth emphasising that (at least for the parameters used in this study) in the optimal operating

point the purity is identical for both outlets (i.e., in the vertex of each region holds PR = PE).
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4.4.3 Productivity as Function of Feed Concentration and Purity

In order to identify the operating point delivering the maximum productivity for a desired product

purity and feed concentration, the vertex of the respective purity region in the γII/γIII -plane has to

be found (cf. Fig. 4.5). This can be done either via extensive simulations analysing all intercepts

of an equidistant grid as demonstrated above, or by implementing an optimisation approach. The

latter option was chosen in this section.

For the optimisations, a semi-heuristic approach was used similar to the algorithm described in

[127]. The main idea of the search strategy is to identify an optimum based on the finding that in

the vertex of a separation region for a certain purity P , the purities of raffinate and extract are equal

to this minimum value (i.e., PR = PE = P ). As will be shown in section 5.3, this assumption

holds only true if complete regeneration is achieved in zonesI and IV . To guarantee regeneration,

safety factors were applied to γI and γIV (see page 61).

In the optimisations, design parameters from equilibrium theory were chosen as starting values for

γII and γIII . Calculation was stopped when the periodic steady state was reached (the stop criterion

of KNIEP [95] was used to verify this). Similar to a simplex algorithm, the search direction was

fixed based on the outlet purities calculated for neighbouring grid points and the trends in the

location of optima that were found in the study on separation regions above. A simplified program

flow chart of the approach is included in Appendix A.2. Using this approach it was possible to

find operation points that provided the desired equal product purities and – presumably – met the

requirement of maximal productivity. The method proved to be relatively fast – usually less than

20 function evaluations were required. Some selected results (essential design parameters and

obtained productivities) are listed in the Appendix (Tab. A.1).

Fig. 4.6 summarises all optimisation results for the considered model systems. In the diagram,

the productivity is shown as a function of the required outlet purities, PR = PE , and the feed

concentrations.

Each point in the diagrams corresponds to the vertex of a region like the one shown in Fig. 4.5.

For all systems, the productivity increases with increasing feed concentration. Furthermore, PR

rises rapidly if the required purity is lowered. In contrast to the situation at higher purities, the

productivities do not reach maximum values at lower purities (at least not for the concentration

ranges examined here). As expected, the SMB process based on the isotherms with the highest

separation factor of α = 1.4 (system I.b) is most productive for high purities. However, for low

purities the highest productivity is obtained for system I.d. Obviously, in this case the higher

applicable feed concentration is advantageous. Such type of isotherms might be of interest if a

low purity is required and the feed solution can be introduced very concentrated. Although the

feed concentration for system I.c is the highest, it does not lead to high productivities, since the

separation factor is not sufficiently large. Because of the very low separation factor (1.07) and

the low maximum feed concentration (5 g/l), the productivity for the isotherms measured on the

cyclodextrine column (system I.e) is negligible in comparison to the other systems.

It should be noted, that with increasing productivity also the specific desorbent requirement (i.e.,
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Figure 4.6. SMB productivity for four experimental systems as a function of product purity and feed

concentration. Each point represents a vertex of the corresponding separation regions in Fig. 4.5.

the ratio of the necessary amount of chromatographic solvent introduced with feed and desorbent,

respectively, to the mass fluxes of the products) is decreasing significantly. For reasons of clarity

the desorbent requirement will not be discussed further in this chapter. However, this aspect will

be treated in detail in Chapter 7.

Some first examinations of the dependency of productivity on feed concentration and outlet purity

were performed by SHEEHAN et al. [56]. Comparing their results to the trends in Fig. 4.6, a diffe-

rence will be noticed. While in [56] a productivity maximum at intermediate feed concentrations

was observed when optimising the process for a purity of 70%, such a maximum was not obeser-

ved in this work. It can be shown from some model calculations that the reason for the maximum

observed in the case of [56] lies in insufficient regeneration of zone IV of the SMB. By adjusting

a proper value for the safety factor, the productivity can be improved and this maximum will shift

towards cF→∞. Obviously, regeneration becomes critical with lower outlet purity and higher feed

concentrations. Thus, an optimised design of SMB processes for limited outlet purities has to in-

clude the regeneration zones, which results in a numerically challenging problem. This aspect will

be addressed in detail in Chapter 5, where all four zone flow rates of a continuous chromatographic

process will be optimised using a computationally less expensive TMB model.

Finally, it should be emphasized that the numerical results presented above hold for a four-column

SMB system that was restricted by a low maximum flow rate typical for lab-scale columns. Using

preparative-scale columns will allow for higher flow rates and, thus, for higher absolute values of

the productivity – without affecting the main tendencies presented in Fig. 4.6.
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4.5 Conclusions

The results above emphasise the dominating impact of adsorption isotherm parameters on achie-

vable productivity in SMB separations. Based on an equilibrium model, algebraic expressions for

the theoretical productivity as a function of isotherm parameters were derived. A parametric study

and a sensitivity analysis affirmed that out of the individual isotherm parameters, the separation

factor α has the strongest impact on performance, in particular for nonlinear equilibria. Besides

this, the analysis further revealed that limitations of productivity are also induced by the possible

feed concentration and the isotherms’ nonlinearity.

A simulation study based on the equilibrium dispersive model and considering a four-column

SMB showed that separation regions in the γII/γIII -plane become larger if purity requirements are

lowered. The productivity in optimum operating points rises strongly with lower outlet purities.

Simultaneously, the desorbent requirement of the process is decreasing. More details on this can

be found in [57]. Thus, reducing purity requirements affords significant enhancement of process

performance, in particular for systems with low separation factors. These findings are encouraging

when considering a coupling of SMB chromatography and crystallisation for enantioseparations.

A comparison of the result to literature sources emphasised the necessity to include all four zone

flow rates in the optimisation of continuous chromatographic processes, since regeneration can

become critical, in particular under reduced purity requirements. This important aspect will be

addressed in the next chapter.
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DESIGN OF SMB PROCESSES

FOR PREDEFINED PURITY

The last chapter demonstrated that the performance of SMB processes increases si-

gnificantly under reduced purity requirements. In the design approach used there,

complete regeneration was required in the outward zones of the SMB. However, from

engineering experience it is expected that operation under reduced purity requirements

should also allow for a less restrictive design of these regeneration zones.

In this chapter this issue will be addressed on the basis of a parametric study. Two de-

sign options will be compared – a restrictive that requires complete regeneration, and a

non-restrictive that includes all zone flow rates in an optimisation, respectively. It will

be demonstrated that the latter approach facilitates significant performance improve-

ments. Furthermore, it will be investigated how the different designs affect process

robustness.

5.1 Background

Despite the substantial achievements in understanding of the SMB process, rather simple ap-

proaches are still common in its practical design for concrete separation problems. The ”triangle

theory” (section 4.2.3) predicts design variables valid only for ideal systems and complete sepa-

ration of the components. For real systems, usually numerical simulations of an SMB model are

applied to determine flow rates in the separation zones that account for nonideal behaviour. In

contrast, the flow rates in the regeneration zones are often corrected only by using simple safety

factors as were introduced in Eqs. (4.9) [125, 127, 128].1 This might represent a reasonable engi-

neering practice as long as very high product purities have to be achieved and solvent usage does

not govern the total separation costs. However, this approach certainly entails a loss in process

performance if lower product purities are of interest, since it is well known from other separation

1 Some authors also suggest to use the optimal flow rates determined from the triangle theory and to subsequently

optimise other design parameters (like column length or efficiency) [82].
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processes that with lower purity requirements facilitate less restrictive designs, which in turn lead

to higher throughputs.

An appealing strategy is certainly the application of control strategies to adjust automatically pro-

per flow rates in the individual zones. However, in the corresponding publications so far either only

high product purity was considered, or the complete regeneration in zones I and IV was required

as a prerequisite [97, 129–133]. Another option is the application of multi-objective optimisation

procedures that include all zone flow rates. Results of recent works in this context indicate that a

”violation” of the requirement of complete regeneration might be desirable (e.g., [100, 134, 135]).

Although such optimisation approach is very useful, due to its complexity and the implementation

efforts necessary, the application of the mentioned safety factors is still common practice.

However, so far only few attempts have been made to study systematically the influence of the

operating parameters in the regeneration zones. Some investigations were presented in [136]. Yet,

the authors considered only one of the two regeneration zones and a system with linear adsorption

isotherms.

In this chapter, a systematic parametric study will be performed to study the impact of the design of

the regeneration zones in continuous chromatography for nonlinear isotherms. The performance of

the process will be compared for a restrictive design approach (i.e., a design that requires complete

regeneration in zones I and IV , respectively) and a non-restrictive design (in which this regene-

ration is not predefined). Finally, process robustness will be addressed by means of a sensitivity

analysis.

5.2 Model and Parameters

It was already pointed out in Chapter 4 that the flow rates in the regeneration zones should be

included in an optimised design of SMB processes for limited outlet purities. The use of an SMB

model proved to be computationally too expensive to perform this task for the different systems and

the several parametric studies within this work. Therefore, in this chapter the equilibrium stage

model of a TMB process will serve as a reduced model for SMB chromatography. The model,

which was implemented in the simulation environment DIVA [96], has already been explained in

section 2.1.5.

For the optimisation of the TMB process, a sequential quadratic programming (SQP) method avai-

lable in DIVA [137] is used. SQP was already used successfully by other authors for SMB opti-

misations, see for example [138]. Optimisation variables are the dimensionless internal flow rates,

γj , for the zones of the TMB (for details see also Chapter 4). In the restrictive design approach

only γII and γIII were subject to optimisation, while in the non-restrictive designs all four γj were

considered.
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As the objective function the ratio of desorbent stream and product flux was found appropriate,

since this simultaneously minimises desorbent requirement while it maximises productivity:

OF =
QD

QRcR1 +QEcE2 + 1.0 · 10−8
→ min (5.1a)

s.t. PR ≥ PR
min (5.1b)

PE ≥ PE
min (5.1c)

The term 1.0 · 10−8 in Eq. (5.1a) was introduced to prevent numerical difficulties if the remaining

denominator is equal to zero. The outlet purities are guaranteed by the nonlinear constraints (5.1b)

and (5.1c). Additionally, it was found useful to include the following linear constraints:

γI ≥ γII + Δγ (5.2a)

γIII ≥ γII + Δγ (5.2b)

γIII ≥ γIV + Δγ (5.2c)

γI ≥ γIV + Δγ (5.2d)

where Δγ = 10−2. These constraints prevented numerically expensive function evaluations at

economically useless operating points (e.g., for extremely low feed flow rates). Furthermore, they

guaranteed for the proper direction of flows, prohibited flow rates equal to zero, and also led to

faster convergence.

5.2.1 Generic Example System

For illustrative purposes, a simple generic example system will be used in the following model

calculations. A moderately nonlinear LANGMUIR isotherm with a separation factor of 1.5 will be

considered. All parameters are listed in Table 5.1. The table contains also the optimum values for

the dimensionless flow rates, γi, as predicted by equilibrium theory, Eqs. (4.7). These will serve

as reference values in the following study.

Table 5.1. Parameters for TMB model calculations (generic example system).

Discretisation 100 stages per zone
Isotherm parameters a1 = 2.0 a2 = 3.0
(LANGMUIR) b1 = 0.002 b2 = 0.002
Feed concentration cF

1 = 20.0 g/l cF
2 = 20.0 g/l

Zone length L = 20.0 cm

Column diameter D = 1.0 cm
Porosity ε = 0.7
max. internal flow rate 10.0 ml/min

opt. γj from triangle theory γI = 3.0 γII = 1.7423
γIII = 2.0644 γIV = 1.5799
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5.3 Influence of the Regeneration Zones

5.3.1 Internal Concentration Profiles

The values adjusted for the dimensionless flow rates in the regeneration zones I and IV will

naturally influence the internal concentration profiles of a continuous chromatographic process.

This is illustrated in Fig. 5.1 for three characteristic examples. For the upper plot, the parameters

for complete separation as predicted from triangle theory were used (see Table 5.1). Additionally,

to guarantee complete regeneration, a safety factor β = 1.1 was applied to the flow rates in the

corresponding zones I and IV (restrictive design).
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Figure 5.1. Internal concentration profiles for the TMB process in Tab. 5.1. Solid lines – fast

component 1, dashed – slow component 2. a) Restrictive design of regeneration zones with

10% safety margin (βI = βIV = 1.1); b) violation of constraint in zone I (βI = 0.8, βIV =
1.1); c) violation of constraint in zone IV (βI = 1.1, βIV = 0.8).

Figure 5.1 a) reveals that the restrictive design provides for both, complete separation in zones II

and III, as well as complete regeneration in zones I and IV . The next two panels show results for

situations where the regeneration requirement was violated. Fig. 5.1 b) corresponds to a violation

in zone I only (βI = 0.8, while βIV = 1.1). A breakthrough of the dispersive wave of the slow

component into zone IV can be observed, which contaminates the raffinate. For Fig. 5.1 c) such a

violation was applied to zone IV (i.e., βI =1.1, while βIV =0.8). Here, the shock wave of the fast

component migrates into zone I and leads to a significant contamination of the extract product.2

2 Since for LANGMUIR-type isotherms higher concentration levels migrate faster than lower concentrations, a desorp-

tion front undergoes dispersion, while an adsorption front will develop a shock wave (see, e.g., [139]).



5.3 INFLUENCE OF THE REGENERATION ZONES 69

This behaviour is not surprising. However, the question to be answered is, to which extent such

breakthroughs are acceptable when aiming at improved process performance for reduced purity

requirements.

5.3.2 Separation Regions

In Chapter 4 separation regions in the γII/γIII -plane were used to asses the performance of SMB

processes for complete separation as well as under reduced purity requirements (see Fig. 4.5).
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Figure 5.2. Separation regions for different out-

let purities P R and P E for a restrictive design of

the regeneration zones. Solid line – complete se-

paration (equilibrium theory, see section 4.2.3).

Figure 5.2 contains a corresponding plot of sepa-

ration regions for different outlet purities for the

generic example considered here. Like for the

example shown in Fig. 4.5, for this diagram the

restrictive design was applied (βI = βIV = 1.1).

The regions become larger for lower purity re-

quirements and their vertices move along a pa-

rabolic line away from the diagonal, which in-

dicates the possibility to increase the feed flow

rate.

However, a different picture is obtained when

lowering the safety factors. Figure 5.3 shows

separation regions for PR, PE ≥ 0.9 (i.e., at

least 90% product purity at both outlets) for va-

rying values of the safety factors βI and βIV . To

construct the diagrams the βI, βIV -values were

decreased stepwise starting from β = 1.1. In

both panels the largest region is identical to the 90%-region in Fig. 5.2.

The results indicate that when lowering βI the separation region shrinks starting from the diagonal

(Fig. 5.3, left). For βI = 0.8 the region vanished completely (i.e., the minimum purity of 90%

could not be achieved anymore in one or both of the outlets). Note, that position of the vertex

corresponding to the highest feed throughput remains almost constant for a rather wide range of

βI , which allows to maintain the maximum feed flow rate. In contrast, when lowering βIV , the

separation region shrink starting from the outside. Due to this, the vertices move towards the

diagonal, even for small deviations from βIV = 1.1. In turn this means that a violation of the

regeneration constraint in zone IV might lead more or less promptly to a lower feed flow rate.

An interesting fact is that for violated constraints in zone I a second vertex develops at the lower

border of the separation region (circle in Fig. 5.3, left). In this point it holds PR = PE – just as for

the vertices that correspond to maximum feed flow rates (see section 4.4.3). The throughput for

this second vertex is much lower in comparison to the optimum vertex (denoted by the triangle).

However, this finding emphasises that the condition PR = PE (as it was used in Chapter 4 and
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Figure 5.3. Separation regions for P R, P E ≥ 0.9 under violated design restrictions in zone I (left) and

zone IV (right). Two vertices in the left mark operating points with P R = P E = 0.9 for βI = 0.85.

in [127]) does not represent an appropriate criterion for the optimisation of continuous chromato-

graphic processes. It can be used only if complete regeneration is guaranteed, which actually was

required for the investigations performed in Chapter 4.

5.4 Optimisation of Restrictive and Non-restrictive Designs

5.4.1 Process Performance

The results described above indicate that the separation regions shrink if the regeneration condi-

tions are relaxed. Since in the above only one of the zone flow rates was varied and all others where

kept constant, a separation region shrinking towards the diagonal simultaneously entails a decrea-

sing feed flow rate. In order to clarify whether this also holds if all four flow rates are optimised,

the optimisation procedure described in section 5.2 was applied.

Figure 5.4 contains the results of the optimisations for the restrictive and non-restrictive designs.

For the restrictive design, a safety margin of 10% was applied to the regeneration zones, while for

the non-restrictive design all zone flow rates were optimised. For all design points, the flow rate

in zone I was set to 10 ml/min (arbitrarily assuming that this corresponds to the highest tolerable

pressure drop of within the unit; cf. section 4.2.3). The results are very promising. Obviously,

relaxing the regeneration conditions increases process performance significantly. The lower the

purity requirements, the higher this effect. The productivity, PR, Eq. (4.2), and the specific solvent

consumption, SC, which corresponds to the objective function, Eq. (5.1a), can be improved by up

to 25% (Figs. 5.4 a and b). The latter is particularily due to the strongly increasing concentration

of the extract (Fig. 5.4 c).
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Figure 5.4. Comparison of non-restrictive (open symbols) and restrictive design (filled sym-

bols). a) productivity, b) eluent consumption, c) product concentrations (squares – raffinate,

triangles – extract), d) operating points in γII/γIII and γI/γIV planes, respectively.

A very important finding is that also the positions of the optima in the γII -γIII -plane are different

for the two design approaches (Fig. 5.4 d). Surprisingly, in case of the non-restrictive design, the

operating points move towards lower γII -values, apparently leading to lower feed flow rates. Ho-

wever, in parallel the value for γI decreases significantly, while γIV remains more or less constant

(while γI , γIV are constant for the restrictive design; see the plot below the diagonal in Fig. 5.4 d).

Since in all design points the same flow rate ofQI = 10 ml/min was applied to zone I, these values

for γI , γIV lead to overall lower desorbent consumption and higher throughput. This indicates that

the benefit of a non-restrictive design is actually due to an interplay of the design conditions in the

whole unit, and does not only result from relaxing the conditions in the regeneration zones.

It should be emphasised, that from the above follows that the possible benefit expected from the

coupling of SMB chromatography and enantioselective crystallisation is not fully accessible if only

the separation zones are considered in the design of the SMB step.
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5.4.2 Internal Concentration Profiles

Figure 5.5 illustrates the differences between the internal concentration profiles for the two design

options as obtained from the optimisations. For the restricted design, again βI = βIV = 1.1 was

applied. In the example shown the minimum outlet purity was set to P = 0.95 for both outlets.
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Figure 5.5. Comparison of optimised operating points for (P R, P E) ≥ 0.95. Solid lines – component

1, dashed – component 2. Thin lines – restrictive design, thick lines – non-restrictive design.

It can be seen that in the restrictive design any breakthrough of concentrations waves from zone I

into zone IV , or vice versa, is prevented. In contrast, the non-restrictive design prevents only the

breakthrough of the shock wave of the less adsorbing component from zone IV into zone I, while

the dispersive wave of the strong adsorbing component in zone I is allowed to partially migrate

into zone IV . This leads to almost constant concentrations plateaus of this component in zones III

and IV , respectively, which determine the purity of the raffinate. This situation was also observed

for other purity requirements and isotherm parameters. To the authors opinion this rather simple

scenario is a motivation for future investigations on the basis of equilibrium theory. However, this

is beyond the scope of this work.

Although the above must be considered a phenomenological finding (since it cannot be ruled out

that the optimisation results represent local minima), it deserves some more consideration. The

prevention of a breakthrough of the shock wave from zone IV into zone I appears desirable,

since such breakthrough would lead to immediate and strong contamination of the extract product.

Obviously, this problem is less pronounced when considering a breakthrough of the dispersive

wave from zone I into zone IV . In the next section a sensitivity analysis will be applied for a

quantification of these effects.

5.4.3 Process Robustness

An important result of the investigations above is, that in an optimised design for reduced purity

requirements the dispersive wave of the stronger adsorbing compound is allowed to migrate into

zone IV of the unit. This raises the question, whether an optimised non-restrictive design results

in lower process robustness in comparison to a restrictive design.
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Here the steady state sensitivities of the raffinate and extract purity with respect to the flow rate

ratios will be used as a measure for robustness. To calculate these sensitivities, the deviations of

the purities at steady state will be considered after a step-change of the flow rates in the indivi-

dual zones. A general definition for the sensitivity is given by Eq. (4.18). Here, the normalised

sensitivities will be approximated numerically by

Sγi

P j =
γi

0

P j
0

∂P j

∂γi
≈ γi

0

P j
0

P j
+ − P j

−
γi

+ − γi−
, i = (I, ...IV ), j = (E, R) (5.3)

The index 0 denotes the operating point for which the steady state sensitivity is determined. Terms

with + and − correspond to values that were calculated by changing γi by +0.5% and by -0.5%,

respectively, around the original design point, γi
0.

The resulting sensitivities are shown in Fig. 5.6. The values in the upper row correspond to the

restrictive design (i.e., safety factors βI = βIV = 1.1); the lower row contains the sensitivities for

the non-restrictive design.
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Figure 5.6. Steady state sensitivities of raffinate and extract purity with respect to the flow rates in the

four zones of a TMB unit. Comparison of optimised restrictive designs and non-restrictive designs.
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In the restrictive design, the sensitivities for the extract, Sγj

PE , are initially (i.e., for high purity) low,

while they are rather high for the raffinate, Sγj

PR . With decreasing outlet purities, in particular Sγj

PR

is affected, while Sγj

PE remains stable between P j = 100% and P j ≈ 93%. This behaviour can be

explained (and was also confirmed by the analyis of internal concentration profiles) by the nature

of the concentration waves within the unit. For purities below approximately 93%, the sensitivities

of the extract purity with respect to γIV and γIII increase strongly, since the concentration and

the corresponding migration velocity of the shock front in zone IV increase until, finally, a break-

through of this front into zone I occurs. Thereafter, the sensitivities decrease gradually. Obviously,

a higher safety factor for zone IV would be necessary to counterbalance this effect.

In the non-restrictive design, the highest observed sensitivities were lower than in the restrictive

design. They were more or less of the same magnitude for all γ j . For the raffinate purity, γIII had

the strongest impact. Surprisingly, γIV did not play a major role, which might be an indication

for a better convergence of the SQP algorithm at low γIV -values (since it could be expected that

optimal operating points would correspond to the highest γIV values possible). In such situation a

small perturbation would cause the mentioned breakthrough of the shock wave, which should be

observable in the calculated sensitivities.

Summarising the above, it can be concluded that stable operation of SMB processes can be achie-

ved only for complete separation while simultaneously applying safety factors to all flow rates. In

a restrictive design for lower purities, the use of inappropriate safety factors for the regeneration

zones leads to strong sensitivities of the purities and, thus, to unstable operation. An encoura-

ging finding with respect to the process combination of chromatography and crystallisation is that

robustness of the process is not significantly decreased if all zone flow rates are optimised in com-

parison to a restrictive design.

5.5 Conclusions

A systematic study was performed to investigate the impact of the design of the regeneration zones

on the performance of continuous chromatography under nonlinear conditions. The commonly

used restrictive design (i.e., the use of safety factors for zones I and IV , respectively) was compa-

red to a non-restrictive design (i.e., optimisation of all flow rates).

The results are promising with respect to the process combination of chromatography and crystal-

lisation. The relaxation of the constraint of complete regeneration in in zones I and IV allows for

significant improvement of process performance. In the generic example studied, both throughput

and eluent consumption can be improved by up to 25%.

Furthermore, it could be shown that the possible benefit expected from a coupling of SMB chro-

matography and enantioselective crystallisation is not fully accessible if only the separation zones
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are considered in the design of the SMB step.

The optimisation results indicate that the performance optima are characterised by the prevention

of breakthroughs of shock fronts from zone I into zone IV , while the dispersive wave of the strong

adsorbing component is allowed to migrate in the opposite direction. A sensitivity analysis showed

that process robustness is not significantly affected by the application of a non-restrictive design,

which should be useful when considering the development of control strategies for continuous

chromatographic processes under reduced purity requirements. Furthermore, it is worth investi-

gating, whether it is possible to derive algebraic design expressions from equilibrium theory for

the scenario shown above. This would represent an important tool in the design of continuous

chromatography.





6

IMPACT OF SOLUBILITY EQUILIBRIA

ON ENANTIOSELECTIVE

CRYSTALLISATION

The previous two chapters addressed the influence of adsorption equilibria and process

design on SMB performance. Analogously, in this chapter the design of enantioselec-

tive crystallisation and the effects of the solid-liquid equilibrium (SLE) on process

performance will be demonstrated. Special emphasis will be put on modelling of ter-

nary SLE for mixtures of enantiomers in a solvent, since this is crucial for process

design.

An SLE model will be derived that allows for an equilibrium-based design of enan-

tioselective cooling crystallisation. Subsequently, the impact of the SLE on the per-

formance of enantioselective crystallisation is investigated for the different model sys-

tems.

6.1 Modelling of Ternary Solid-Liquid Equilibria

In the following, two approaches for modelling of ternary solid-liquid equilibria (SLE) of enantio-

mers in a solvent will be introduced. The first model is based on thermodynamics. Such models

are generally desirable, since they might allow for the a priori prediction of equilibria. However,

it will be demonstrated that this approach does not necessarily guarantee the required accuracy. As

an alternative, a second modelling approach will be suggested, which is based on the interpolation

of experimental SLE data. This model is considered appropriate for practical use.

6.1.1 Thermodynamic Models

The equilibrium composition in a two-phase system can be described by the SCHRÖDER-VAN

LAAR-equation [7, 140]. This relation can be derived from classical thermodynamics (iso-fugacity
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condition) or from a thermodynamic cycle (considering heating of sub-cooled melts, melting, and

mixing of liquids). An elaborated version of this equation reads:

ln
γL

i x
L
i

γS
i x

C
i

=
Δhm,i

RT

(
T

Tm,i
− 1

)
+

Δcp,i

R

(
Tm,i

T
− 1 − ln

Tm,i

T

)
(i = 1, ..., n) (6.1)

In this equation, xi and γi are the compositions and activity coefficients, respectively. The indices

L and C denote the liquid and the solid (crystal) phases, respectively. T is the current tempera-

ture, while Tm,i is the melting temperature of the pure compound. Δhm,i is the heat of fusion at

T = Tm,i and Δcp,i = cLp,i − cSp,i is the difference of the specific heats in the liquid and solid states,

respectively.

Eq. (6.1) can be simplified, since Δcp,i is approximately temperature-independent and, generally,

the second term is very small in comparison to the first. Usually, ideal behaviour and immiscibility

can be assumed for the solid phase (i.e., γC
i x

C
i = 1). Using these assumptions, Eq. (6.1) reduces

to

ln
(
γL

i x
L
i

)
=

Δhm,i

RT

(
T

Tm,i
− 1

)
(i = 1, ..., n) (6.2)

In addition, the mass balance condition has to be fulfilled:

n∑
i=1

xi = 1 (6.3)

On the basis of Eqs. (6.2) and (6.3), it is often possible to describe the binary melting diagram

of two enantiomers that form a conglomerate (see section 2.2.2) with reasonable accuracy. In

Eq. (6.2) frequently ideal behaviour of the compounds in the liquid state (i.e., γL
i = 1) is assu-

med. In this case, the melting temperature of the racemate can be predicted from the melting

temperatures and enthalpy of fusion of the pure enantiomers only.

For compound forming systems, the melting equilibrium between the two eutectic compositions

of an enantiomeric system is described by the PRIGOGINE-DEFAY equation [7, 140, 141]:

− ln(γL
i x

L
i )(1 − γL

i x
L
i ) + ln(γCxC)(1 − γCxC) =

Δhm

R

(
1

T
− 1

Tm

)
i = (1, 2) (6.4)

SLAUGHTER et al. [109] successfully used Eqs. (6.2) and (6.3) together with a model for γL
i ,

to calculate ternary melting equilibria of simple eutectic systems and systems with compound

formation. For the latter, they did not use the PRIGOGINE-DEFAY equation (6.4), but introduced

an additional relation that accounts for reactions in the solid phase. WIBOWO et al. published

some considerations on the use of this approach for modelling multi-component SLE, including

enantiomer and diastereomeric systems with dissociating solutes [108].

In principle, the model above is sufficient to describe ternary solubility equilibria of two enantio-

mers in solvents for systems with either conglomerates or racemic compound formation. However,

there are several reasons why this model is not used in this work. First, in any case it requires a
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numerical solution [109], which is not desirable for a process model. Second, applying a ther-

modynamically consistent model to experimental SLE data is difficult if the necessary parameters

are unknown (for example, enthalpies of fusion and mixing, melting temperatures, specific heats,

etc.). Finally, solubility equilibria can be distinctively non-ideal and suitable models might not be

available for the corresponding activity coefficients.

Figure 6.1. Activity coefficients for pure mandelic

acid enantiomer dissolved in water. Symbols – γL
1

from experimental data. Lines – different models

for activity coefficients.

The latter problem is exemplified in Fig. 6.1

which shows activity coefficients of pure

mandelic acid enantiomer dissolved in wa-

ter. Using SLE data (solubilities, enthalpy of

fusion, and melting temperature of the pure

enantiomer) from [120], the activity coeffi-

cients of mandelic acid, γL
1 , were calcula-

ted from Eq. (6.2). The figure reveals a ra-

ther extreme course, which is possibly caused

by some ionic or enantiomer–enantiomer in-

teractions in the liquid phase. Common ex-

pressions for activities like the regular solu-

tion model, as well as the MARGULES, VAN

LAAR, and NRTL models [142] do not pro-

vide for a satisfactory prediction of γL
1 (T );

in particular at lower temperatures, where γL
1

first rises and then drastically decreases with

increasing T . Even the best-fitting model

(MARGULES) introduces deviations up to 50% (at T > 70 ◦C). The application of more advanced

models like UNIQUAC was not possible, because necessary critical data were not available for

mandelic acid. The use of group group contribution methods provided unsatisfactory results [119].

A stepwise linearisation of the activity coefficients, as was proposed by LORENZ et al. [120], might

actually provide a better fit for γL
1 (T ). However, this is not considered as suitable here, because

the discontinuous character of such description could in turn introduce numerical difficulties in a

process model.

Summarising the above, it is concluded that the a priori prediction of solubility equilibria for en-

antiomeric systems based on pure component data (enthalpies of fusion and melting temperature)

remains a difficult task, since for heterogeneous multi-component equilibria there is usually a lack

of data that allow for the prediction of deviations from ideal phase behaviour. This is particularly

true if essential solute properties (e.g., data on the critical point) are not known.

6.1.2 SLE Model based on Solubility Approximation

Because of the problems related to the application of a thermodynamic model (see previous sec-

tion), an alternative SLE modelling approach suitable for practical implementation is suggested.
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Concept

The model is based on the interpolation of solubility data and a linearisation between different

solubilities. A major advantage of this approach is that it can be applied directly to experimental

solubility data. Further parameters (e.g., activity coefficients or pure component properties) are

not required.

The main assumption of the concept is that isothermal solubility limits of mixtures between the eu-

tectic through1 and pure dissolved enantiomer (i.e., Pe ≤ P ≤ 1) can be described by linear func-

tions. This will be explained using again experimental data for the system mandelic acid / water

(Fig. 6.2).

0°C

40°C

Figure 6.2. Experimental data for mandelic acid

solubilities in water between 0 and 40 ◦C (inset

of Fig. 3.5). Data (dotted lines with circles) and

fit by SLE model (solid lines).

For this rather well-studied system (experimen-

tal data from [120]), a reasonable number of

equilibrium points with intermediate purity are

known. From the figure, two important as-

pects can be deduced: i), the eutectic compo-

sition (Pe = 0.69) is independent of tempera-

ture, and ii), isothermal mixture solubilities for

Pe ≤ P ≤ 1 indeed follow – besides small de-

viations – straight lines. This was also stated by

LORENZ et al. [120].

The assumption of a linear course of the iso-

thermal solubility between eutectic through and

enantiomerically pure solution can be suppor-

ted when considering Eq. (6.2). If this equation

should yield a straight line for the solubility limit, the activity coefficient γL
1 needs to be constant.

That is, interactions between the dissolved enantiomer 1 and the solvent, as well as interactions

between to two enantiomers, must remain constant for T = const. and Pe ≤ P ≤ 1. This is a rea-

sonable assumption, in particular for lower temperatures, where each solubility isotherm covers

only a small concentration range. Furthermore, it might be expected that interactions of the two

dissolved enantiomers are independent of enantiomeric purity.

As a consequence of the above it is sufficient to model the temperature dependence of the solu-

bilities of the pure enantiomer, x1,p(T ), and of the same enantiomer along the eutectic through,

x1,e(T ). Subsequently, intermediate points with Pe ≤ P ≤ 1 can be calculated from a linearisa-

tion between x1,p(T ) and x1,e(T ). Note that, since phase diagrams of enantiomeric systems are

perfectly symmetric, it is sufficient to model only one half of a ternary or binary phase diagram

– the second results from simple reflection over the racemic composition line. Therefore, in the

following derivations only enantiomer 1 will be considered.

1 For a fundamental introduction to ternary SLE of enantiomers in solvents see section 2.2.2.
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Interpolation of Solubility and Linearisation

To approximate the experimental solubilities of enantiomer 1 for the pure enantiomer (PL = 1)

and along the eutectic through (PL = Pe), the following polynomials were applied:

xi,j(T ) =
5∑

k=1

ak,jT
k (j = p, e, r) (6.5)

Note that the solubility along the racemic through, x1,r(T ), is needed only if the whole ternary

diagram should be plotted.

Once the parameters of the polynomials are known, the mixture compositions of an isothermal

solubility limit, x∗i (T ), can be described by the linearisation

x∗1(T, xi) = ψx1,p(T ) + (1 − ψ)x1,e(T ) (6.6a)

x2(T, xi) = (1 − ψ)
1 − Pe

Pe
x1,e(T ) (6.6b)

Here ψ is a running parameter with ψ = 1 for PL = 1 and ψ = 0 for PL = Pe, respectively. If the

purity of the saturated solution, PL, is known, one can eliminate x∗1 and x2 from Eqs. (6.6), since

x2 = x∗1(1 − PL)/PL . One obtains the following useful expression for the linearisation factor ψ

as a function of purity and temperature

ψ(T, PL) =
1

1 +
x1,p(T )

x1,e(T )
· Pe(1 − PL)

PL − Pe

(6.7)

Note that in the above all enantiomeric purities are defined with respect to enantiomer 1.

The solubility approximations for the system mandelic acid / water are shown in Fig. 3.5 (right).

The fit is considered to be good. By substitution of these polynomials into the linearisation

Eqs. (6.6), the isothermal solubility limits can be plotted in the ternary diagrams. This is shown

in Fig. 3.5 (left). A good overall agreement between experimental values and prediction can be

concluded; in particular, when considering that the mandelic acid / water system actually repre-

sents the system with the strongest deviations from ideal behaviour (see previous section) and that

the data points are scattered due to limited experimental accuracy [120].

Note that an analogous procedure was applied for calculating the parabolic lines between the two

eutectic throughs in Fig. 3.5 (left). The solubility of enantiomer 1 at racemic composition was

interpolated from Eq. (6.5) with j = R. Instead of the linearisation (6.6), a quadratic function

was used. This is in correspondence to the quadratic PRIGOGINE-DEFAY equation (6.4) for com-

pound forming systems. However, the region described by this border is not of interest if only the

pure enantiomer should be crystallised. Note further, that the same modelling approach holds for

conglomerate systems (here Pe = Pr = 0.5).

The solubility interpolations and the resulting model predictions for all experimental systems are

included in Chapter 3 (Figs. 3.3 – 3.5, 3.8, and 3.10). The according polynomial coefficients and
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temperature ranges are summarised in Tab. B.2. The coefficients were determined by minimising

the sum of the absolute values of the relative errors. This was found to improve the fit in the lower

temperature range, which is important when designing practical crystallisation processes.

Remarks

It was found useful to model all SLE in terms of mass fractions rather than concentrations, because

this allows to subsequently introduce corrections for the liquid density (this aspect will be discus-

sed later; see section 6.3.4). Furthermore, since for the model system III the molar weight is not

known, mole fractions could not be used.

The solvent was always treated as a single component, independently whether it actually represents

a mixture of different liquids or not.

The reader will have noticed that for the system mandelic acid / water the SLE was modelled only

up to 40 ◦C. There were several reasons for this, namely the decreasing accuracy of the experi-

mental data at higher temperatures [120], the low number of data points at these temperatures, and

the decreasing accuracy of the polynomial solubility interpolations. It should be noted that a ther-

modynamic model suffers from the same shortcoming, since it would provide accurate predictions

only if a detailed model for the activity coefficients is available (see Fig. 6.1).

6.2 Equilibrium Design of Enantioselective Crystallisation

Below the application of the SLE model from section 6.1.2 will be demonstrated to design enan-

tioselective cooling crystallisation processes. In order to simplify the discussion, all derivations

will be made with respect to the process example in Fig. 6.3.

In the example, an initial mixture (index 0) is concentrated by removal of solvent (e.g., by evapo-

ration or reverse osmosis) in order to achieve a suitable concentration level for crystallisation. The

resulting stream (F ) is introduced into a continuous crystalliser that has an operating temperature

T = TL. The mixture decomposes into a solid phase that contains only the desired enantiomer

1 (point C) and the remaining mother liquor in equilibrium (point L). Maximum yield of pure

solid enantiomer is achieved if the operating temperature is lowered to T = Te (point E). This

temperature obviously represents an important quantity, because it also represents the minimum

temperature allowed when pure enantiomer has to be guaranteed.

Considering the process shown in the figure, obviously two main design questions arise: i) the

determination of equilibrium compositions (e.g., in points F , L, or E), and ii) the determination

of according equilibrium temperatures. Both can be determined on the basis of Eqs. (6.5) – (6.7).

Compositions can be derived explicitly from the SLE model, see section 6.2.2. This represents an

advantage in comparison to a thermodynamic model, which does not provide explicit expressions.



6.2 EQUILIBRIUM DESIGN OF ENANTIOSELECTIVE CRYSTALLISATION 83

Figure 6.3. Enantioselective crystallisation. Left – continuous crystalliser decomposing a feed (F ) into

solid product (C) and mother liquor (L). Component 1 corresponds to the target enantiomer. Right –

ternary representation of the process.

6.2.1 Mass Balances and General Relations

The global mass balance around the crystalliser in Fig. 6.3 reads

F = C + L (6.8)

where F , L, and C denote the total masses of feed, mother liquor, and crystals, respectively. Since

only enantiomer 1 crystallises, for the mass fractions in the crystal phase hold xC
1 = 1 and xC

2 = 0.

From this and Eq. (6.8) one obtains the following mass balances for the two enantiomers:

FxF
1 = C + (F − C)xL

1 (6.9a)

FxF
2 = (F − C)xL

2 (6.9b)

An equation for the third component (the solvent) is obsolete, since
∑
xi = 1. The enantiomeric

purity will be defined with respect to component 1, i.e.,

P j =
xj

1

xj
1 + xj

2

j = (F,L,C) (6.10)

From the above equations it follows for the mass of pure solid enantiomer, mC
1 = C,

mC
1 = FxF

1

PF − PL

PF (1 − PL)
(6.11)

Since FxF
1 = mF

1 corresponds to the mass of the same enantiomer introduced with the feed,

from this equation an expression for the yield of the crystallisation process, Y = mC
1 /m

F
1 , can be

derived. Eq. (6.11) readily delivers for Y

Y =
mC

1

mF
1

=
1

PF

PF − PL

1 − PL
(6.12)
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Furthermore, from Eq. (6.9) and Eq. (6.10), Y can also be obtained in terms of mass fractions:

Y =
1

xF
1

xF
1 − xL

1

1 − xL
1

(6.13)

As will be shown below, (6.12) and (6.13) are very useful expressions for the design and evaluation

of enantioselective crystallisation processes.

6.2.2 Determination of Compositions

From Eqs. (6.9) and (6.10) any equilibrium composition along the mass balance line C–F–L–E in

Fig. 6.3 can be determined, if one composition along this line plus one additional parameter (like

temperature, purity, or composition) is specified. Below some typical design examples will be

explained.

Compositions from Specified Purities

A common situation in the design of an enantioselective crystallisation process is to determine

the composition of the mother liquor (see point L in Fig. 6.3) from a given feed (point F ). If

the desired purity, PL, is specified, xL
1 can easily be calculated. From Eqs. (6.10) and (6.13) one

obtains

xL
1

(
xF

1 , P
L, PF

)
= xF

1

1 − Y (PF , PL)

1 − xF
1 Y (PF , PL)

(6.14a)

xL
2

(
xF

1 , P
L, PF

)
= xL

1

1 − PL

PL
(6.14b)

Note, that Y (PF , PL) has to be calculated from Eq. (6.12). For the important case that the pro-

cess should deliver maximum yield, the according compositions xL
i = xi,e follow from the above

equations with PL = Pe.

Another important task is to calculate the mass fractions of the feed as a function of the purity if

the composition of the mother liquor is known. In this case, Eq. (6.14 a) can be re-arranged to

xF
1

(
xL

1 , P
L, PF

)
= xL

1

1

1 − (1 − xL
1 )Y (PF , PL)

(6.15a)

xF
2

(
xL

1 , P
L, PF

)
= xF

1

1 − PF

PF
(6.15b)

Please note, that these expressions provide no statement whether these compositions can actually

be achieved within the temperature range of the SLE. For a verification, the corresponding equili-

brium temperatures must be determined. This will be explained in section 6.2.3.
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Compositions from Specified Temperatures

Often the operating temperature of the process, TL, will be fixed from some practical considera-

tions. If the purity of the mother liquor, PL is not known, but a value for the feed purity, PF ,

is given, the composition of the mother liquor, xL
i , can be calculated from Eqs. (6.6), (6.7), and

(6.9a):

xL
1

(
TL, PF

)
=

PF (1 − Pe)ke,F (1 − xF
1 ) + Pe(1 − PF )(ke,F − kp,F )

x1,e(TL)PF (1 − Pe) + ke,F (Pe − PF ) − Pekp,F (1 − PF )
(6.16)

where ki,j = x1,i(T
L)x1,j(T

L) , i, j = (p, e, F )

where x1,p(T
L) and x1,e(T

L) have to be determined from Eq. (6.5). For the purity of the solution

at equilibrium one finds:

PL
(
TL, PF

)
=
kp,e(1 − xF

1 )PF (1 − Pe) − kp,FPe(1 − PF ) + ke,FPe(1 − PF )

kp,e(PF − xF
1 )(1 − Pe) − kp,FPe(1 − PF ) + ke,F (1 − PF )

(6.17)

The mass fraction of the counter-enantiomer, xL
2 , then can be calculated from (Eq. 6.14b).

6.2.3 Determination of Temperatures

As was shown above, equilibrium concentrations can easily be calculated from simple expressions,

if a composition along the mass balance line C–F–L–E in Fig. 6.3 is known. However, another

important task is the determination of operating temperatures that correspond to pre-defined com-

positions.

If a composition is specified, the equilibrium temperature can be determined from the roots of

Eqs. (6.5). However, since the linearisation factor ψ and x1,j in Eq. (6.5) are usually unknown,

it is expedient to use a simple iteration procedure. For example, if operating point L in Fig. 6.3

is known (i.e., xL
1 and PL are specified), from an estimated value for the temperature, T , the

solubilities x1,p(T ) and x1,e(T ) are calculated according to Eqs. (6.5). The linearisation factor

ψ follows from Eq. (6.7) and a value for xL
1,calc from Eq. (6.6). T is changed iteratively until

xL
1,calc = xL

1 . No convergence problems were encountered when using this approach.

Some aspects should be considered during the calculation of equilibrium temperatures. i), It must

be verified that determined temperature values lie within the temperature interval where the SLE

model is valid. ii), A working temperature of T = Te provides maximum yield. However, during

design it should be taken into account, that Te represents a critical property, because temperatures

T < Te will lead to the crystallisation of the counter-enantiomer.

In the next section, the performance of enantioselective crystallisation will be evaluated for the

three model systems. The determination of the critical temperature Te and the design restrictions

that follow from the limited temperature intervals of the SLE models will be included in the dis-

cussion.
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6.3 Performance of Crystallisation for the Model Systems

6.3.1 Theoretical Yield
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Figure 6.4. Theoretical yield of crystallisation,

Ymax, as function of feed purity and position of the

eutectic.

The most important performance parameter

in an enantioselective crystallisation is the

yield for the target component. The highest

yield, Ymax, is obtained if the mother li-

quor just reaches eutectic composition (i.e.,

if PL = Pe). Thus, for Ymax follows from

Eq. (6.12)

Ymax =
1

PF

PF − Pe

1 − Pe
(6.18)

The dependence of the yield on feed purity

is shown in Fig. 6.4 for the different model

systems. Parameter is the eutectic composi-

tion, Pe. It can be seen that Y decreases stron-

gly with lowering feed and increasing eutectic

purity, respectively. For example, since in the case of the conglomerate systems threonine and PDE

(systems II and III) the eutectic purity is Pe = 0.5, a feed purity of PF = 0.8 allows for a yield of

75%. In contrast, for the compound-forming mandelic acid systems it is Pe = 0.69. For the same

feed purity only a yield of 41% can be achieved.

An important conclusion from the above with respect to the process combination of chromatogra-

phy and crystallisation is that the SMB should deliver streams with high purity to achieve high

yields in the crystallisation step. However, since the performance of SMB improves when lowe-

ring the purity requirements (see Chapters 4 and 5), it can be expected that these contrary effects

lead to an intermediate value for the optimal transition purity between the two processes. Further-

more, since Y is limited by the eutectic composition, Pe, and the costs for chiral feed material are

usually high, it is useful to recycle unresolved mother liquor from crystallisation back to the SMB

unit. This recycle causes an additional load on the SMB process and has a major impact on overall

process performance (see Chapter 7).

6.3.2 Operating Temperatures

Figure 6.4 emphasises that maximum yield is achieved if the operating of the crystalliser is adjusted

to TL = Te. However, for all model systems studied the temperature range of the ternary SLE is

limited. An important consequence of this is that achievable compositions and yields are also

limited.
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Figure 6.5. Operating temperature diagram for en-

antioselective crystallisation of mandelic acid in wa-

ter. Parameter: feed purity, P F ; circle – P F
max.

Using the iterative procedure explained in

section 6.2.3, feasible operating tempera-

tures for maximum yield can be calculated

as a function of the feed composition. An

example is shown in Fig. 6.5 for the sys-

tem mandelic acid / water.2 To construct

the diagram, the feed purity, PF , and its

equilibrium temperature, TF , were varied.

For each pair (PF , TF ), the corresponding

equilibrium temperature along the eutectic

through, TL = Te was determined as fol-

lows: first, the feed composition, xF
i was

calculated from Eqs. (6.5) – (6.7). The ac-

cording mother liquor composition then

followed from Eqs. (6.14) with PL = Pe.

Finally, the temperature TL = Te was ob-

tained iteratively.

The diagram contains two important information: i) For given feed compositions, the operating

temperatures for maximum yield can be determined. In the example marked by the arrows in

Fig. 6.5, a feed stream saturated at TF = 30 ◦C and a purity of PF = 0.8 requires a crystallisation

temperature of TL = Te = 17 ◦C to reach the eutectic through. Analogously, if a certain crys-

tallisation temperature is given, the diagram allows to choose TF and PF , from which the feed

compositions can be calculated. ii) The highest feed purity that still allows to reach PL = Pe is

denoted by the point in the lower right (in the example PF
max = 0.927). Any higher feed purity

will lead to a mother liquor with PL > Pe and, thus, to Y < Ymax. This important aspect will be

discussed below.

The corresponding diagrams for the other experimental systems are given in Figs. 6.6 a–d. The

values for PF
max differ significantly. Furthermore, while for system II (threonine, Fig. 6.6 c) the

purity-isopleths are almost linear, a certain nonlinearity can be observed for the other systems.

6.3.3 Yield Limitation and Stepwise Crystallisation

As already mentioned, the yield is limited by the temperature interval of each SLE. The highest

yield that can be achieved in a crystallisation step can be calculated from Eq. (6.12) by using

PF = PF
max and PL = Pe. The values for PF

max are given given in Figs. 6.5 and 6.6, respectively.

The results for the different model systems are shown in Fig. 6.7. For systems I and III, the yields

are in the range of 82%...98%. However, for system II (threonine) the change of solubilities is very

low in the temperature interval of the SLE (see Fig. 3.8). Due to this fact, for this system only an

unsatisfactory value of Y = 54.4% can be achieved.

2 For corresponding SLE see section 3.1.2.
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Figure 6.6. Operating temperature diagrams for the model systems. a) Systems I.b, I.f; b) system I.e; c)

system II; d) system III. For notation see Fig. 6.5. The corresponding SLE data are given in Chapter 3.

A possible solution for this limitation is a process with alternating steps of crystallisation and

solvent removal. Since this allows to use feed purities with PF > PF
max, a maximum theoretical

yield, Ymax, can be achieved that is defined by Eq. (6.18).

Figure 6.8 shows such a process for the example of the strongly limited system II. In the first

crystallisation step, the initial feed solution is used and equilibrium is reached at the minimum

temperature of T = 10 ◦C. Then, the solution is heated up to 40 ◦C and solvent is removed until

the mother liquor reaches equilibrium again. The next crystallisation is again performed at 10 ◦C.

These steps are repeated until the eutectic through is reached (in the example at T = 29 ◦C). The

figure also contains the purities in each crystallisation step and the development of the overall yield

during the process. These values were determined from the design procedures given in section 6.2.

It should be noted, that an evaporative crystallisation process might be an alternative way to handle

yield limitations. However, in this case the rate of solvent removal must be carefully adjusted to

guarantee PL < Pe.
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Figure 6.7. Maximum one-step yields of crys-

tallisation for the model systems.
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#    P F      P L      Y
cum_________________________

1    0.950  0.880  0.61
2    0.880  0.746  0.85
3    0.746  0.561  0.93
4    0.561  0.500  0.95

Figure 6.8. Example for stepwise cooling crystal-

lisation to achieve Ymax (system II, initial feed pu-

rity of P F = 0.95).

6.3.4 Considerations on Solution Density and Concentrations

In order to provide for ”compatibility” with typical mathematical models for chromatographic

processes, it will often be necessary to specify compositions in terms of concentrations. To convert

mass fractions into concentrations, the density of the solution, ρ, must be known. Then

ci = xi ρ(T, xi) (6.19)

Unfortunately, the dependence of the liquid density in Eq. (6.19) on the amounts of dissolved

components is usually not known. For a prediction of the density data on the critical point of the

dissolved components are necessary. These are not available for the enantiomeric systems studied

here.

The dependence of density on the amount of dissolved solute was investigated experimentally for

aqueous solutions of racemic mandelic acid. Figure 6.9 shows measured liquid densities at 20 ◦C.

The density rises only slightly with increasing concentration. At the rather high value of xr = 0.25

the density deviation from pure water is only 5.7% .

The experimental determination of the density as a function of concentration and temperature for

all model systems was beyond the scope of this work. It would be most efficient to collect such

data during solubility measurements. As a simplification, in this work it will be assumed that

the solution density is constant and corresponds to that of the pure chromatographic solvent, ρsol,

at standard conditions (T = 25 ◦C). This assumption is supported by the low deviations for the

mandelic acid system above. The results of the corresponding measurements for all systems are

listed in Tab. B.9.
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6.3.5 Specific Solvent Removal in a Process Combination
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Figure 6.9. Liquid density as function of con-

centration (racemic mandelic acid/water, 20 ◦C).

Note, that at xr = 0.25 the solution already

contained few small crystals.

In the process combination, crystallisation is ap-

plied to a stream delivered by chromatography.

Typically, the concentration levels of a chroma-

tographic process are well below those in crys-

tallisation. For all model systems studied here it

is necessary to increase the concentration of the

enantiomers before starting a cooling crystalli-

sation. For this purpose, a certain fraction of the

solvent has to be withdrawn, which is also indi-

cated in Fig. 6.3. This enrichment will usually

be performed by means of distillation or perva-

poration.

As a quantification for the efforts related to this,

the specific solvent removal, SR, is introduced.

SR will be defined as the ratio of the amount of

solvent that has to be removed and the mass of

crystals created in crystallisation, mC
1 . From this definition and Eq. (6.12), SR can be expressed

as a function of the composition of the initial process stream and of the yield of the crystallisation:

SR =
Q0 −QF

YmF
1

(6.20)

The indices 0 and F denote the streams before and after the enrichment unit, respectively (see

Fig. 6.3). Since the enrichment unit should remove only solvent, the mass of enantiomers in the

solution remains constant (i.e., m0
1 = mF

1 ). From this and Eq. (6.19) follows

Q0ρ0x0
1 = QF ρFxF

1 (6.21)

One obtains for SR from Eqs. (6.20) through (6.21) and the yield expression (6.12):

SR =
1

Y
· ρ

FxF
1 − ρ0x0

1

ρFρ0xF
1 x

0
1

(6.22)

A Priori-Estimation for the Model Systems

A first estimation of the specific solvent removal for the different model systems can be performed

on the basis of Eq. (6.23).

For the estimation it was assumed that the outlet concentrations of the SMB process are approxima-

tely equal to its feed concentrations. Since the highest productivity of an SMB process is achieved

for the highest feed concentration (see section 4.4.3), the highest vale will be used of the concen-

tration range for each adsorption isotherm (i.e., c01 = cmax). Furthermore, since it was assumed that

the liquid density is equal to the density of the solvent, it holds ρF = ρ0 = ρsol. Finally, conditions
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for maximum yield in crystallisation were assumed (i.e., PL = Pe and PF = PF
max). Using these

assumptions, from Eqs. (6.12) and (6.22) follows

SR =
cF1 − c01
cF1 c

0
1

· P
F
max(1 − Pe)

PF
max − Pe

(6.23)

The feed concentration, cF1 , was calculated from Eqs. (6.5), (6.7), and (6.19) using PL = PF
max and

the maximum temperatures that were determined in section 6.3.2. Values for cmax and ρsol can be

found in Chapter 3 and Tab. B.9, respectively.

Figure 6.10. Specific solvent removal for the model

systems under conditions for maximum yield.

Figure 6.10 shows that the specific solvent re-

moval is inversely proportional to the concen-

tration presumably delivered by the SMB and

that SR increases strongly for very low c01. It

is noticeable that the values for SR follow al-

most perfectly a common course. An analysis

of Eq. (6.23) reveals that – for the values used

here – c01 has the dominating influence.

It should be emphasised that the above results

represent only a rough approximation, since

the outlet concentrations of SMB processes

depend on the actual operating conditions and

decrease with increasing purity. Furthermore,

for LANGMUIR adsorption isotherm, the ex-

tract stream usually does not reach the con-

centration level of the chromatographic feed.

However, the estimation gives a fair basis for a first comparison.

6.3.6 Supersaturation

The supersaturation is a fundamental variable in crystallisation processes, since it represents the

driving force for crystal growth and nucleation (see section 2.2).

The highest supersaturation that can occur in a crystalliser connected to an SMB process was

estimated for the model systems. For this purpose, a similar procedure as in section 6.3.5 was

applied. Using again the parameters for maximum yield, Eq. (2.27) delivers for σ1:

σ1 =
cF1 − c1,e

cF1
(6.24)

The results are summarised – together with other performance factors – in Tab. 6.1. The super-

saturation differs significantly for the model systems, and a few rather high values were obtained

(1.2 ≤ σ1 ≤ 8.6).
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It should be noted, that for the continuous crystallisation processes which are in the scope of this

work, σ1 represents the local supersaturation at the feed inlet of the crystalliser. The supersatura-

tion in the bulk depends on the residence time and will be much lower. Therefore, even the values

for σ1 found for systems I.b and I.f might be applicable in a practical process. However, since

such high local supersaturations might cause undesired nucleation, it might be expedient to apply

a series connection of crystallisers with descending operating temperatures in order to limit local

supersaturations.

6.3.7 Summary of Performance for the Model Systems

In order to simplify a comparison between the different model systems, the design and perfor-

mance parameters determined in this chapter are summarised in Tab. 6.1. The results in the table

correspond to the conditions that are necessary to achieve maximum yield.

The individual systems show distinct differences with respect to yield, solvent removal, and local

supersaturation. For example, system II allows for only 54% yield in a single crystallisation step,

which is very low in comparison to the other systems. On the other hand, the low concentration

range covered by the SLE of system II also facilitates a low local supersaturation of only σ1 = 1.2,

which is more appropriate for practical realisations than, for example, the high value of σ1 = 8.6

that was estimated for system I.f.

Table 6.1. Design and performance of a crystallisation process according to Fig. 6.3 for the model systems.

ρsol Pe PF
max Te TF c01 cF1 cL1 Ymax SR σ

[g/l] [ ◦C] [ ◦C] [g/l] [g/l] [g/l] [l/g]

I.b 1 059 0.69 0.988 0 60 15.2 806.9 84.3 0.973 0.066 8.6

I.c3 997 0.69 0.927 0 40 54.8 256.1 57.0 0.825 0.017 3.5

I.d3 997 0.69 0.927 0 40 38.0 256.1 57.0 0.825 0.027 3.5

I.e 1 010 0.69 0.979 0 60 5.0 685.9 92.7 0.952 0.208 6.4

I.f 1 059 0.69 0.988 0 60 7.5 806.9 84.3 0.973 0.136 8.6

II 902 0.5 0.687 10 40 5.0 7.5 3.4 0.544 0.122 1.2

III 776 0.5 0.911 10 40 20.0 295.6 44.2 0.902 0.052 5.7

It should be noted, that the concentrations and supersaturations in the table should be handled with

care, since i) the density of the solution is not known accurately (see section 6.3.4), and ii) the

accuracy of the solubility interpolation is limited.

3 Due to a lack of SLE data, for systems I.c and I.d the surrogate SLE (mandelic acid / water, Fig. 3.5) was used.
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6.4 Conclusions

This chapter addressed the design and evaluation of enantioselective cooling crystallisation pro-

cesses based on an equilibrium approach. A simple ternary SLE model was established to describe

the solubilities of two enantiomers in a solvent. A good agreement between predictions and expe-

rimental data was achieved. The model is considered suitable for practical implementations.

The SLE model together with the mass balances for the crystallisation process allow for an

equilibrium-based design. Expressions for the most important performance parameters yield,

solvent removal, and supersaturation were established as a function of distinct purity specifica-

tions, which greatly simplifies the analysis. A comparison of the results for the different model

systems revealed the pronounced impact of the SLE on process performance. It should be noted

that operating parameters and, accordingly, performance are limited by the specific temperature

range of each SLE.

Some important conclusions with respect to a process combination of crystallisation and SMB

chromatography can be drawn. To achieve high yields in crystallisation, the SMB process should

deliver streams with high purities (which is contradictory to the improving performance of SMB

for lower purity requirements; see Chapter 4). Furthermore, the crystallisation yield is maximised

if the composition of the mother liquor just reaches the eutectic through. This aspect deserves ex-

perimental investigation. Finally, the solvent removal between the two processes depends strongly

on the concentration level delivered by the SMB and, to a lower extent, on the purity of the SMB

outlet and the mother liquor, respectively. This interplay between the two unit operations will be

investigated in more detail in the following chapter.
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EVALUATION AND DESIGN

OF THE PROCESS COMBINATION

The behaviour and the design of the single unit operations SMB chromatography and

enantioselective crystallisation was investigated in the previous chapters. It was de-

monstrated in Chapters 4 and 5 that a certain economic potential results from reduced

purity requirements in SMB processes, which might be further increased by an accor-

ding design. On the other hand, the results of Chapter 6 indicate that the constricted

yield in crystallisation will certainly limit the performance of the integrated process.

In this chapter, the process combination is studied as a whole. The two contrary effects

above obstruct intuition-based process analysis and constitute a complex optimisation

problem. A shortcut method is proposed that contributes to both process understanding

and design, while it requires only a minimum of information.1

7.1 Detailed Concept of the Process Combination

The basic scheme of the process combination that was introduced in Chapter 1 (Fig. 1.6) will be

refined here based on the conclusions from the previous chapters. Figure 7.1 contains a suggestion

for a more detailed flow chart of an integrated process of SMB chromatography and enantioselec-

tive crystallisation.

The process in the figure incorporates primarily an SMB plant (unitI) and two crystallisers (units II

and III, respectively). An external racemic feed is introduced (F0). The feed of the SMB (inlet

FI) is split into two fluxes – the raffinate containing an excess of the less retained enantiomer 1

(outlet AI), and the extract that contains more of the stronger retained enantiomer 2 (outlet BI).

Note that the minimum purity of these streams corresponds to the eutectic purity (see section 2.2).

The subsequent crystallisers deliver pure solid enantiomers at their corresponding outlets (i.e.,

enantiomer 1 at AII and enantiomer 2 at BIII, respectively). As was demonstrated in Chapter 6,

recycling of mother liquor from the crystallisation back to the SMB is required for high yields.

1 A part of the results presented in this chapter was published in [61].
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Figure 7.1. Flow chart for the combination of SMB chromatography and crystallisation. Solid

lines denote streams containing the two enantiomers. Dashed lines mark fluxes of pure solvent.

Correspondingly, the scheme contains recycle streams (starting from outlets BII and AIII). Also

in Chapter 6 it was found that pre-enrichment steps are necessary between the two unit operations

in order to adjust appropriate concentration levels for crystallisation. In turn this means that solvent

must be added to the recycle streams in order to dilute them before the SMB process. For this

purpose, the solvent that is removed in the enrichment steps might be used.

Note that the type of the enrichment units in Fig. 7.1 (e.g., distillation or pervaporation) is of no

particular interest in the following analysis. Note further, that the purge streams shown in the figure

are optional and have to be considered only if the accumulation of impurities must be prevented.

Figure 7.2. Two operating options for the process in Fig. 7.1 in the ternary diagram. Left –

process for one target compound (enantiomer 1 obtained from the raffinate). Right – process with

both enantiomers desired.
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The main design parameters for the scheme in Fig. 7.1 are obviously the parameters (state va-

riables) at the transition points between the SMB unit and the crystallisation step (i.e., the purity

and outlet compositions of the SMB and the two crystallisers, respectively). Figure 7.2 illustrates

the course of composition change for distinct positions of the process scheme in Fig. 7.1. Two

different configurations are considered. In the first, only enantiomer 1 is desired (Fig. 7.2, left).

In this case, crystalliser III and the corresponding streams in Fig. 7.1 will be omitted. Note that,

although there is a racemic external feed (F0), the stream that enters the SMB (FI) is non-racemic

(asymmetric) due to the recycling of mother liquor. This has to be accounted for in model calcula-

tions. In the second configuration both enantiomers are desired (Fig. 7.2, right). Accordingly, the

whole scheme in Fig. 7.1 applies. Note that in this case the adjustment of different purities in the

two branches will also result in an asymmetric composition of the SMB feed in point FI .

It is worth mentioning that a process combination as shown in Fig. 7.1 basically represents a sepa-

rator network with internal recycles, which in this case involves a complex, hybrid, and nonsharp

separator (unitI), and two rather simple, sharp separators (II, III).2 It should be emphasised that

networks of this type cannot be designed or evaluated on the basis of intuition only and that there is

a lack of systematic studies to analyse such arrangements. Therefore, before investigating in detail

the specific process combination that is subject of this work, in the next section an approach will

be suggested that simplifies the formulation of mass balances for networks that include nonsharp

separators. This approach will subsequently be used in section 7.3 to derive a shortcut method for

evaluation and design of the process combination discussed here.

7.2 Mass Balancing Approach for Separator Networks

The process shown in Fig. 7.1 involves three components – the two enantiomers that have to be

separated, and the solvent that is necessary to perform this task. At a first stage, the solvent might

be considered as an auxiliary and therefore disregarded. This reduces the problem to be examined

to a binary separation. Furthermore, here the steady-state performance of the system is of main

interest. These two aspects greatly simplify the derivation of expressions for steady-state mass

balances of networks with nonsharp binary separators and recycles.

7.2.1 Nonsharp Binary Separators

Fig. 7.3 shows a single unit for the separation of two components (1 and 2). The module basically

consists of a feed node (F ) and two outlet nodes (A, B). Since here no restrictions are applied

2 In chemical engineering a nonsharp separator is a process with outlet streams that may contain all of the feed com-
ponents. In contrast, sharp separators perform at least one perfect (sharp) split between these components (i.e., at

least one of the product streams contains only a pure component). Thus, the sharp separator is a special case of the

nonsharp separator.
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with respect to the outlet purities, this unit is a nonsharp binary separator. In the special case that

it delivers one or two pure outlet streams, it represents a sharp binary separator.

Figure 7.3. Single nonsharp binary separator with inlet and outlet nodes.

The compositions (or purity, respectively) at the three nodes j of the module, P j , will be defined

with respect to their target components - compound 1 at outlet A and compound 2 at outlet B,

respectively. The composition of the feed is defined (arbitrarily) with respect to component 1:

PA =
mA

1

mA
1 +mA

2

(7.1a)

PB =
mB

2

mB
1 +mB

2

(7.1b)

PF =
mF

1

mF
1 +mF

2

(7.1c)

where mj
i denotes the mass or molar flux of component i at node j = (A,B, F ). Obviously, for

a ”successful” separation holds PA > PF and PB > (1 − PF ). The target component fluxes

leaving the unit, mA
1 and mB

2 , depend on the inlet fluxes mF
i and the values for the purity, P j . The

following relative mass fluxes, yi, can be defined for the target compounds:

y1(P
j) =

mA
1

mF
1

(7.2a)

y2(P
j) =

mB
2

mF
2

(7.2b)

These yi can be denoted as segregation factors [143]. The definitions 7.2 are useful, because in the

case of a binary separator, the segregation factors obviously correspond to the yields achieved at

the outlets for the two components. It is straightforward to show that from mass balances around

the unit illustrated in Fig. 7.3 follows

y1 =
PA

PF
· P

F + PB − 1

PA + PB − 1
(7.3a)

y2 =
PB

1 − PF
· PA − PF

PA + PB − 1
(7.3b)

Thus, the relative fluxes of the target components now are given with Eqs. (7.1) – (7.3). For the

fluxes of the non-target compounds (component 2 at outlet A and component 1 at outlet B, respec-
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tively) holds

mB
1

mF
1

= 1 − y1 (7.4a)

mA
2

mF
2

= 1 − y2 (7.4b)

It is important to note that the segregation factors in Eqs. (7.2) through (7.4) are functions of the

compositions at the characteristic nodes only. Therefore, the specification of the purities at the

nodes of a unit is sufficient to determine all relative fluxes of this unit. Similar approaches are well

known in chemical engineering problems. For example, DOHERTY and MALONE [144] used a

comparable method for the modelling of flash cascades.

7.2.2 Networks of Nonsharp Separators with Recycles

The conventions made above for a single binary separator provide a basis for the analysis of net-

works of nonsharp binary separators. Fig. 7.4 shows two simple examples of such networks. The

units are connected via the outlets of unitI (dashed lines mark possible recycles).

Figure 7.4. Simple networks of binary separators with and without recycles.

One can establish relations for all relative fluxes mjk
i /m

FI
i as a function of the yk

i given by

Eqs. (7.3) (j denotes the node, j = F,A,B, of the kth unit, k = I, II, ...). As an example,

in the following derivations the relative outlet flux of component 1 at outlet AII , mAII
1 , will be

considered.

The balancing of the system in Fig. 7.4 (left) is straightforward. If there is no recycle stream, one

obtains for mAII
1

mAII
1

mF0
1

=
mA

1

mFI
1

= yI
1y

II
1 (7.5)

If a recycle stream is turned on, it can be shown that

mAII
1

mF0
1

=
yI

1y
II
1

1 − νyI
1(1 − yII

1 )
(7.6)
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In this equation, ν is the recycle ratio, which is defined as

ν =
mBII

i

mAI
i

(7.7)

Now the system with three units in Fig. 7.4 (right) will be considered. If there are no recycles, for

the mass flux mAII
1 still holds Eq. (7.5). For the case that the two recycles are turned on, one finds

mAII
1

mF0
1

=
yI

1y
II
1

1 − νIIyI
1(1 − yII

1 ) − νIIIyIII
1 (1 − yI

1)
(7.8)

It should be noted that in order to calculate the segregation factors for unit I from Eqs. (7.3),

the feed composition of this unit, PFI , must be specified. This composition can differ from the

composition of the external feed, PF0, since it depends on the recycle streams. From a mass

balance around the feed node one obtains the following general expression for this composition:

PFI =

KIKIIKIII + νIIKIII(1 − PBI)(PAI − PAII)(1 − PBII − PF0)

+ νIIIKIIPAI(PAIII − PF0)(PBIII − PBI)

KIKIIKIII + νIIKIII(PAI − PAII)(1 − PF0 − PBII )

+ νIIIKII(PAIII − PF0)(PBIII − PBI)

(7.9)

where Kk = 1 − PAk − PBk , k = (I, II, III)

Note that, although Eq. (7.9) is rather ”voluminous”, it will be shown below that for most realistic

applications it can be reduced to much simpler expressions.

Since the process in the left of Fig. 7.4 is obviously a subset of the scheme on the right (i.e., the

three-unit network represents a superstructure of the two-unit process), it is sufficient to derive

expressions for the three-unit network only. Table 7.1 contains all relative mass fluxes in this

network expressed in terms of segregation factors. To determine the actual fluxes, all compositions

(purities), P jk, at all nodes of the system, as well as one flux (usually the feed flow, mF0
i ) must

be specified. The segregation factors yjk
i then follow from Eqs. (7.3). Note that proper transition

conditions between the units have to be specified. These conditions read for the processes in

Fig. 7.4:

mFII
i = mAI

i (7.10a)

PFII = PAI (7.10b)

mFIII
i = mBI

i (7.10c)

PFIII = 1 − PBI (7.10d)

The last line of Tab. 7.1 contains the ratio of external (or total) feed to internal feed of unitI. This

ratio represents an important quantity because it is a measure for the additional demand on this

unit due to the recycles.

The examples above demonstrate that the use of segregation factors simplifies the determination

of mass fluxes in networks of nonsharp separators with recycles. The clear and symmetrical struc-

ture of the equations in the table reveal that mass fluxes at specific points in a network are just
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Table 7.1. Relative mass fluxes of the two components for the network in Fig. 7.4 (right).

unit component 1 component 2

I mAI
1 /mF0

1 = yI
1 mAI

2 /mFI
2 = 1 − yI

2

mBI
1 /mFI

1 = 1 − yI
1 mBI

2 /mFI
2 = yI

2

II mAII
1 /mFI

1 = yI
1 yII

1 mAII
2 /mFI

2 = (1− yI
2)(1− yII

2 )
mBII

1 /mFI
1 = yI

1 (1− yII
1 ) mBII

2 /mFI
2 = (1− yI

2) yII
2

III mAIII
1 /mFI

1 = (1− yI
1) yIII

1 mAIII
2 /mFI

2 = yI
2 (1− yIII

2 )
mBIII

1 /mFI
1 = (1− yI

1)(1− yIII
1 ) mBIII

2 /mFI
2 = yI

2 yIII
2

FO/FI mF0
1 /mFI

1 = 1 − νIIyI
1 (1 − yII

1 ) − νIIIyIII
1 (1 − yI

1)
mF0

2 /mFI
2 = 1 − νIIyII

2 (1 − yI
2) − νIIIyI

2 (1− yIII
2 )

the products of the segregation factors of the units passed in the corresponding pathway, which

simplifies mass balancing. The extension of this approach to more complex networks as well as to

multicomponent separations appears to be straightforward.

The reader will have noticed that the three-unit network in Fig. 7.4 is very similar to the scheme

of the process combination that was introduced in Fig. 7.1. In fact, when disregarding the units

for solvent removal and dilution, the two schemes are identical. Therefore, the simple relations

listed in Tab. 7.1 can be directly applied to the process combination of SMB chromatography and

enantioselective crystallisation. In the next section a shortcut method for design and evaluation

of this specific process combination will be developed that makes use of the approach described

above.

7.3 Shortcut Approach for Evaluation of the Process Combination

One obvious choice to solve the design problem for the process combination in Fig. 7.1 is the

global optimisation based on a detailed mathematical model. In such approach a rather large

number of variables would have to be considered; for example, flow rates, number and geometry

of columns, size and operating temperatures of the crystallisers, recycle ratios, and removal of

solvent. Obviously, this would lead to a computationally very expensive problem, in particular

when considering the hybrid nature of the SMB process. Besides this, it could not be guaranteed

or verified that the optimisation delivers the global optimum.

At this stage of development, it appears rather useful to perform parametric studies in order to gain

insight into the behaviour of the process combination and to identify critical design parameters.

Furthermore, in drug development important decisions with respect to process design have to be

made at an early stage, even though often not enough information about the system of interest are
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available to establish a detailed model for subsequent optimisation.

The above reasons favour the development of a shortcut method for the process combination that

requires only a limited amount of information, while it is flexible enough to study general process

behaviour. Such approach will be presented in this section.

7.3.1 Basic Concept

The fundamental idea of the shortcut method is to apply directly the mass balance equations de-

rived in section 7.2 to the process combination of chromatography and enantioselective crystalli-

sation. Since these expressions relate the mass fluxes in a network to the purities adjusted at each

node, this can be done only if the throughput of the units is known as a function of the purity at the

specific in- and outlets.

In Chapter 6 simple algebraic expressions were derived from an equilibrium model of enantiose-

lective crystallisation that describe the above-mentioned dependency. However, such expressions

cannot be established for the nonsharp SMB separation. Therefore, it is suggested to use characte-

ristics that describe the throughput of an SMB as a function of the purity of its two outlets.3 These

characteristics can then be inserted, together with the mentioned expressions for the crystallisation,

into the mass balance equations for the process network listed in Tab. 7.1.

The characteristics for the SMB process have to be determined using optimisations of a suitable

model. Since here evaluations will be performed for several experimental systems, the use of a

detailed SMB model appears numerically too expensive for an efficient determination of the neces-

sary characteristics. Therefore, the TMB model that was successfully applied in the optimisations

presented in Chapter 5 will serve as a reduced model for the SMB process.

The suggested approach implies some assumptions. The most important are:

◦ The performance of SMB processes can be described appropriately using characteristics

obtained from a TMB model.

◦ The use of a proper objective function in the optimisations of the TMB model leads to near-

optimum results with respect to the performance of the process combination.

◦ Crystallisers can be treated as sharp separators (i.e., delivering only pure enantiomers) that

operates at equilibrium and can be modelled using the mass balances derived in section 7.2.

7.3.2 Derivation of Process Parameters for the Process Combination

Using the equations derived in section 7.2 and listed in Tab. 7.1, expressions for important parame-

ters of the process combination can be derived. In particular these are mass fluxes in the network,

3 The use of characteristics for such purposes is an established method. For example, MALLIK et al. applied somewhat

simpler characteristics in the design of nonsharp separator networks for the resolution of mineral mixtures. [145, 146].
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feed composition of the SMB, recycle ratio, overall yield, and internal load of the SMB process.

Mass Fluxes, Yield, and Recycle Ratio

For the following derivations the example will be considered where only enantiomer 1 (enriched

in the raffinate) represents the target product. Corresponding expressions for other cases will be

summarised at the end of this section.

The target product (enantiomer 1) is withdrawn at nodeAII of the scheme in Fig. 7.1. Accordingly,

crystalliser III and its recycle are omitted, thus νIII = 0 and yIII = 0. To allow for crystallisation

of pure enantiomer (PAII = 1), the purity of the raffinate should exceed the eutectic composition.

As was demonstrated in Chapter 6, the highest yield is achieved for PAI = Pe.4 From these

conventions and Eqs. (7.3) it follows for the segregation factors of the target component (index

”1” omitted):

yI =
PAI

PFI
· P

FI + PBI − 1

PAI + PBI − 1
(7.11)

yII =
PAI + PBII − 1

PAIPBII
(7.12)

Equation 7.6 readily gives an expression for both, the relative mass flux of the target component as

well as the overall yield of the process, Y :

Y =
mAII

1

mF0
1

=
yI

1y
II
1

1 − νIIyI
1(1 − yII

1 )
(7.13)

where the values for yj
1 are given by Eqs. (7.11). If a certain minimum overall yield, Y ∗, has to be

achieved, Eq. (7.13) can be rearranged to obtain the necessary recycle ratio:

νII =
Y ∗ − yIyII

Y ∗yI(1 − yII)
(7.14)

Feed Composition of SMB Chromatography

As already mentioned, due to the recycle stream the feed purity of the SMB, PFI , will differ

from the purity of the external feed, PF0. Such situations also occur for recycled fractions in

elution chromatography, see [147]. PFI is given by Eq. (7.9). However, as mentioned earlier,

this expression can be simplified significantly. Because enantiomers usually represent expensive

products, very high yields appear desirable, which corresponds to high recycle ratios. Assuming

complete recycle, νII = 1, and a racemic total feed, PF0 = 0.5, Eq. (7.9) reduces to

PFI (ν = 1) =
2PAIPBIPBII +PAI +PBI +PBII−PAIPBI−PBII

(
PAI +PBI

)−1

2PBIIPBI + PAI − 1
(7.15)

4 In this example the eutectic purity is defined with respect to enantiomer 1. For conglomerate forming systems,

Pe = 0.5; for compound forming systems 0.5 < Pe <1. See section 2.2.2 for details.
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A further increase of the yield results from demanding that the extract BI should contain only the

non-target enantiomer 2 (i.e., PBI = 1). From this and Eq. (7.15) follows

PFI(ν = 1, PBI = 1) =
PAIPBII

2PBII + PAI − 1
(7.16)

It should be noted that in this case the segregation factor yI is unity, because all of enantiomer 1

leaves the SMB through the raffinate port. The assumption of pure extract at first might appear

somewhat contradictory, because the economical advantage expected from the process combina-

tion is based on reducing purity requirements on SMB. However, since any amount of the target

enantiomer that is contained in the outlet of the non-target species (in this example, the extract port

BI) is lost, it can be mandatory for cost-limitation to adjust a very high purity for this outlet. In

such cases, a possible benefit will result only from the lowered purity requirements on the outlet

of the target enantiomer (in the example, the raffinate port AI).

Internal Load on SMB Separation

An important issue with respect to the process in Fig. 7.1 is that the yield of the crystalliser is

restricted by the position of the eutectic. As was discussed in Chapter 6, the yield decreases with

increasing eutectic purity. As a consequence, more material has to be recycled back to the SMB

to maintain the overall yield. This recycling causes additional load on the SMB process and,

therefore, decreases overall throughput.

In order to quantify this effect, an internal load of the SMB process, L, which will be defined as

the ratio between SMB feed and total feed, that is, Li = mFI
i /mF0

i . This ratio is already given by

the expressions in the last two lines of Tab. 7.1. For the example that enantiomer 1 is the target

product, one obtains for L1

L1 =
mFI

1

mF0
1

=
1

1 − νIIyI(1 − yII)
(7.17)

In a stand-alone separation by SMB, there is no recycle (νII = 0). Correspondingly, L1 = 1 and

mFI
1 = mF0

1 . As soon as a recycle is present, the SMB has to process a mass flux higher than

the external feed, that is, L1 >1 and mFI
1 > mF0

1 . Whether or not the throughput of the process

combination will be higher than in a stand-alone SMB process depends on the specific throughput-

characteristic of the SMB separation and the position of the eutectic.

Summary of Parameters for Different Process Configurations

For investigations of the process combination following in this chapter, three different process

configurations that are related to the choice of the target enantiomer will be considered. In case (1),

only enantiomer 2 is the desired target enantiomer. This enantiomer is delivered by the extract of

the plant in Fig. 7.1. Correspondingly, the crystalliser III will be omitted. In the second scenario,

case (2), the desired enantiomer 1 is delivered by the raffinate and unit II will be neglected (this
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corresponds to the case used for the derivations above). In case (3), both enantiomers are desired

and all units are required.

Table 7.2 contains expressions for the most important process parameters of the three process

configurations. Note that for case (3) a “symmetrical” operation scheme is assumed. This means,

that identical operating conditions are assumed for the two branches of the process (i.e., PAI =

PBI = P I , PBII = PAIII = P II , νII = νIII = ν).

Table 7.2. Main process parameters and conventions for the three process options. P FI , Y , L, and yj

are defined with respect to the target component. It is assumed that P F0 = 0.5. Given equations for

P FI apply for ν = 1 and pure SMB outlets for the non-target components; otherwise see Eq. (7.15).

Case (1) Case (2) Case (3)
(target: extract) (target: raffinate) (targets: extr. & raff.)

Units I, III I, II I, II, III

Conventions PBI > Pe

PBIII = 1

PFIII = 1 − PBI

PAI > Pe

PAII = 1

PFII = PAI

(PAI = PBI) > Pe

PAII = PBIII = 1

PFII =PAI, PFIII =1−PBI

Segregation factors
yI =

PBI

1 − PFI

PAI − PFI

PAI + PBI − 1

yIII =
PAIII + PBI − 1

PAIIIPBI

yI =
PAI

PFI

PFI + PBI − 1
PAI + PBI − 1

yII =
PAI + PBII − 1

PAIPBII

yI = P I

yII =
P I + P II − 1

P IP II

Feed composition

PFI =
PAIII(2−PBI )+PBI−1

2PAIII + PBI − 1
PFI =

PAIPBII

2PBII + PAI − 1
PFI = PF0

SMB load
L =

1
1 − νIII yI ( 1 − yIII )

L =
1

1 − νII yI ( 1− yII )
L =

1
1 − ν(1− yIyII )

Yield
Y =

yIyIII

1 − νIII yI ( 1 − yIII )
Y =

yIyII

1 − νII yI ( 1− yII )
Y =

P I + P II − 1
P II − ν (1 − P I)

Recycle ratio

νIII =
Y − yIyIII

Y yI ( 1− yIII )
νII =

Y − yIyII

Y yI( 1 − yII)
ν =

P IIY −(P I +P II−1)
Y (1− P I)

7.3.3 Determination of Characteristics for SMB Processes

Characteristics for continuous chromatography describe the dependency of all flow rates and the

corresponding outlet concentrations on the purity of the raffinate and the extract, PAI and PBI ,

respectively. Based on the promising results of Chapter 5, such characteristics will be determined

here by optimisations of the four zone flow rates in a TMB model.
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The model and the optimisation approach were explained in section 5.2. The objective function

is given by Eq. (5.1a). This function is expected to reflect also the main performance parameters

of the whole process combination, since it minimises the amount of solvent that is introduced

into the process scheme in Fig. 7.1 (and of which a certain fraction has to be removed before

crystallisation), while it simultaneously maximises the throughput of the SMB process (which is

expected to be a limiting factor for the whole scheme).

It is useful to perform such optimisations for different efficiencies of the chromatographic process

(i.e., for different plate numbers, NTP ; see Eq. (2.16)).

7.3.4 Illustrative Example

Figure 7.5 contains a generic example of a characteristic for an SMB process. In the example

shown, this function describes the dependency of the throughput of the SMB for component 1,

mFI
1 , as a function of the purity at one of its outlets, P I (the purity of the other SMB outlet is held

constant). The shape of this function is typical for SMB processes, see Chapter 4 and [57, 58].
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Figure 7.5. Evaluation of characteristics. Bold line – generic example for a throughput-

characteristic of an SMB process as a function of its outlet purity, P I . Thin lines – corresponding

throughput of the process combination for different assumed values of the eutectic purity, Pe.

While the throughput of the SMB process, mFI
1 (P I), is given by this characteristic, the possible

throughput of the whole process combination, mF0
1 , will depend on the purity of the mother liquor,

P II . By specifying a value for this purity and inserting the values for mFI
1 into Eq. (7.17), one

obtains the corresponding throughput for the whole process combination, mF0
1 . In the figure, it

is assumed that the mother liquor reaches eutectic composition (i.e., P II = Pe). Furthermore,

complete recycle was assumed (i.e., ν = 1).

A pronounced maximum for each curve mF0
1 (P I , P II) can be observed, which demonstrates the

usefulness of the equations derived above. The results emphasise the significant influence of the
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eutectic purity of a system. It can be seen that for an (assumed) lower eutectic position Pe a

higher maximum for mF0
1 can be achieved. This is due to the increasing yield of the crystallisation

step and was already anticipated in Chapter 6. Further, it can be observed that also the optimum

transition purity depends on the value for Pe.

The determination of other performance measures (e.g., flow rates in the different zones of the

chromatographic process, amount of stationary phase, specific solvent removal between the units)

will be explained in the following section.

7.4 Evaluation and Design of the Process Combination

In this section, the shortcut method introduced above will be applied to evaluate the process com-

bination considering the three different configurations that result from the choice of the target

enantiomer (see Tab. 7.2). Furthermore, the performance of the process will be evaluated for the

three model systems I.f (mandelic acid), II ( threonine), and III (PDE), respectively.

All results will be compared to a reference scenario, which applies an optimised stand-alone sepa-

ration by an SMB process that achieves high product purity and yield. The process combination

should achieve at least the same yield as this reference scenario, while it is assumed to deliver pure

products.

7.4.1 Detailed Procedure

The following procedure was used as a shortcut method for design and evaluation of the process

combination of SMB chromatography and enantioselective crystallisation:

1. Determination of required experimental parameters. These are adsorption isotherms, solu-

bility data, and relations for pressure drop and plate number as functions of the flow rate. All

parameters for the three model systems are specified in Chapter 3. It should be emphasised

that, with respect to the SLE, it is sufficient for the application of the shortcut procedure to

specify the eutectic composition, Pe. However, since here also the removal of solvent was

considered, for each system the solubility at eutectic composition was specified, using the

lowest temperature for which SLE data were available.

2. Specification of process requirements. The most important parameter is the overall yield.

Corresponding to the chosen value, the recycle ratios and the purity of the SMB ports for

the non-target component have to be adjusted using Eq. (7.14). Here it was assumed that a

minimum yield of Y ∗ = 0.998 had to be guaranteed. With the simplifying assumption of

complete recycle (i.e., ν = 1) it followed from the equations in Tab. 7.2: PAI = 0.998 in
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case (1) and PBI = 0.998 in case (2), respectively. The crystallisation step was required to

achieve the eutectic composition.

3. Calculation of purity-performance characteristics. For this purpose the method explained in

section 7.3.3 was applied. Optimisations were performed for different numbers of theoretical

plates of the TMB unit (8 ≤ NTP ≤ 400) and for different purities of the outlet for the

target component. Note that in case (3) (both enantiomers desired) it was set PAI = PBI .

To maximise throughput, the maximum concentration for each adsorption isotherm was used

(see Chapter 4). Note, that in the simulations for cases (1) and (2) the feed composition was

adjusted according to complete recycle and eutectic composition of the mother liquor using

the expressions for PFI in Tab. 7.2.

4. Determination of essential process parameters. Since here a TMB model was used for the

determination of characteristics, the bed lengths and flow rates that correspond to the use of

packed columns (as are used in SMB processes) had to be determined. The corresponding

calculation procedure is explained in Appendix A.4. For its application, the correlations for

pressure drop and plate number were used that are reported in Chapter 3. In accordance to

typical practical situations, the pressure drop in the unit was adjusted to 50 bar. Subsequently,

for each optimisation performed, the load ratio, L, and the overall throughput, mF0
i was

calculated using the relations in Tab. 7.2. Finally, the specific solvent removal, SR, was

calculated from Eq. (6.23).

It should be noted, that steps 2.–4. could also be performed in a single step by including all

relations into a model describing the whole process. However, decomposing the problem into the

steps listed above provides a certain flexibility, since the calculated characteristics can be re-used

if conditions like solubility, column geometry, or pressure drop restriction are changed.

7.4.2 Evaluation for Different Process Configurations

For the investigations of the different process configurations in this section the mandelic acid

system I.f will be used (for parameters see section 3.1). Further experimental model systems will

be considered in section 7.4.3.

Case (1) – Target Enantiomer from SMB-Extract

Figure 7.6 shows characteristics determined for system I.f for the case that the stronger adsorbing

enantiomer 2 is the target product. Each characteristic was obtained by optimisations of the TMB

model for about 15 different values specified for the extract purity, PBI , (denoted by the circles).

In all calculations, the raffinate purity was held constant at a high value (i.e., PAI = 0.998, since

at least 99.8% yield is required). Characteristics were determined for different total numbers of

theoretical plates, NTP .
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Figure 7.6. Characteristics for different NTP (da-

shed) and resulting feed fluxes of the process combi-

nation (solid). Variable purity of extract (P BI) and

constant purity of raffinate (P AI = 0.998).

For the sake of simplicity, the figure shows

the dimensionless throughput5. It can be

seen that the throughput of the TMB pro-

cess increases strongly with decreasing ex-

tract purity. For increasing plate numbers

the throughput also increases; however, only

small improvements can be achieved when in-

creasing NTP beyond 120.

Furthermore, the figure shows the corres-

ponding dimensionless throughputs for the

process combination. They were calculated

using the expression for the SMB load in

Tab. 7.2 (with PAIII = 0.316 and νIII = 1). It

can be seen that from each characteristic fol-

lows for the process combination a through-

put curve with a distinct maximum. These

maxima are higher than the throughput of the

reference scenario (i.e., the stand-alone sepa-

ration which is characterised by the values of the characteristics for PBI = 0.998). Note that for

NTP < 60 the efficiency of the unit is too low to achieve the extract purity required for the refe-

rence case, while the process combination is still able to deliver pure enantiomer at a considerable

productivity.

A better comparison of the process combination and the reference scenario can be obtained by

determining the performance of SMB processes that correspond to the different operating points

shown in Fig. 7.6. For this purpose it is necessary to ”translate” the plate numbers, NTP , that

were used in the TMB calculations, to bed lengths and flow rates that correspond to the use of

packed (SMB) columns. The procedure to realise this is explained in detail in Appendix A.4.

Figure 7.7 (left) shows the resulting values for throughput and bed length that correspond to the

throughput-maxima in Fig. 7.6. The same parameters are displayed for the reference scenario.

For the separation by SMB alone, the calculations predict a throughput-optimum at 120 theoretical

stages. However, the process combination clearly outperforms this. At only 80 theoretical stages

the throughput is 43.6% higher than in the best stand-alone separation. Simultaneously, the zone

length (and thus the volume of CSP) is 19.4% lower.

The right panel of Fig. 7.6 shows the specific solvent removal that was calculated from Eq. (6.23).

Note that, since the process combination delivers a solid product, the same was required for the

reference case. Therefore, a complete solvent removal from the stream that contains the target

5 The dimensionless throughput for this case was calculated as the difference between the dimensionless flow rates in

zones I and II of the TMB process, multiplied by the ratio of extract and feed concentration, respectively.
6 This corresponds to the eutectic purity for systems I.f of 69%. Since the purity for outlet AIII is defined with respect

to the counter-enantiomer, PAIII = 1 − 0.69.
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Figure 7.7. Performance of the process combination and the reference scenario if the extract

delivers the target enantiomer. Throughputs and bed lengths (left), and specific solvent remo-

val (right) as a function of NTP . Each point corresponds to a maximum in Fig. 7.6 (process

combination) or to the value for P AI = P BI = 0.998 (reference scenario), respectively.

enantiomer was assumed (i.e., for the reference scenario in case (1) holds SR = 1/cBI
2 ). In the

throughput-optimum of the reference scenario about 0.84 litres of solvent must be removed per

gram target product. In the optimum for the process combination the value is slightly lower (0.81

l/g). For very low plate numbers SR rises strongly in both cases.

The transition purities that correspond to the maximum throughput of the process combination will

be discussed later (see Tab. 7.3 on page 112).

A very important aspect is the required bed length shown in the figure. At the throughput maximum

for the process combination, the bed length is one third lower than in the optimum for the reference

scenario (i.e., 80 vs. 120 stages). This means in turn, that about 33% of chiral stationary phase

(CSP) can be saved. Since investment costs in chiral chromatography are often dominated by the

costs for CSPs, this indicates a significant potential of the process combination with respect to the

reduction of investment costs.

Case (2) – Target Enantiomer from SMB-Raffinate

Figure 7.8 shows the performance of the process combination and the reference scenario for case

(2), where the less adsorbing enantiomer 1 is the desired product.

Obviously, in this case, throughput and relative solvent removal of the two process options are

similar; the process combination appears to be only slightly better than the stand-alone SMB.

Since the optima for both processes are located at NTP = 120, identical amounts of CSP are

necessary.

The reason for the comparatively low benefit for this case is the behaviour of the concentration

waves inside the SMB (or TMB) unit. For decreasing purity requirements, the internal shock

waves become higher and, thus, travel faster within the separation zones [139]. At the same time,

high extract purity has to be maintained to meet the yield requirements (see above). The optimiser
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Figure 7.8. Throughput and specific solvent removal if the raffinate contains the target enantiomer.

counterbalances these effects by delivering for decreasing raffinate purity decreasing values for the

flow rate in zone IV . This, in turn, restricts the possible throughput. This finding is consistent with

the results of Chapter 5, where it was concluded that an optimisation of all flow rates in continuous

chromatography is particularly beneficial with respect to the product concentrations of the stronger

adsorbing component (see Fig. 5.4 c).

Case (3) – Two Target Enantiomers

For the case that both enantiomers are desired products, a “symmetrical” operation of the plant

was assumed. This means, that during the determination of the characteristics identical values for

the raffinate and the extract purity were used.
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Figure 7.9. Throughput and specific solvent removal (averaged) if both enantiomers are desired.

Figure 7.9 shows the corresponding results for this case. Similar performance improvements as in

case (1) can be achieved (see Fig. 7.8). Comparing the optima of the throughput for the stand-alone

SMB process (at NTP = 120 stages) and for the process combination (at NTP = 60 stages), one

finds that in the combined scheme the throughput is 77% higher, while simultaneously CSP volume

and specific solvent removal are lower by 31% and 29%, respectively. Note that the figure contains

the averaged values of SR for both enantiomers.
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Comparison of the Different Cases

Table 7.3 compares the results for the three different process configurations of the process com-

bination and the reference scenario. For the latter, the stand-alone separation by SMB with a

plate number of NTP = 120 was considered, since for this value this process delivers the highest

throughput under the purity constraint of PAI = PBI = 0.998.

It can be seen again that cases (1) and (3) provide for the best performance. In these cases, the

process combination allows for significantly increased throughput in comparison to the reference

scenario. The transition purities for highest throughput shifted towards lower values for decreasing

plate numbers.

Table 7.3. Comparison of transition purity and throughput for the three cases. P I
opt – transition

purity for highest throughput, ΔmF0
1 – change of throughput with respect to the reference scena-

rio by application the process combination. Underlined – operating points for highest throughput.

Case (1) Case (2) Case (3)
NTP P I

opt ΔmF0
1 [%] P I

opt ΔmF0
1 [%] P I

opt ΔmF0
1 [%]

400 n.a. n.a. 0.990 -24.0 0.990 -17.5

300 0.950 -12.1 0.990 -13.5 0.980 -3.1
200 0.950 +7.4 0.990 -0.6 0.975 +19.0

160 0.925 +18.1 0.990 +4.5 0.975 +31.5

120 0.925 +31.1 0.985 +7.7 0.965 +47.7
80 0.900 +41.9 0.980 +3.1 0.925 +68.2

60 0.900 +36.3 0.975 -8.3 0.900 +77.5
40 0.875 -7.5 0.900 -38.8 0.875 +77.4

20 n.a. n.a. n.a. n.a. 0.85 +19.4

8 n.a. n.a. n.a. n.a. 0.75 -82.4

As already mentioned, case (2) allowed only for a rather low improvement. Due to the additional

efforts necessary for design and implementation of the process combination, this case was not

regarded as advantageous. Here it appears reasonable to apply SMB chromatography in stand-

alone mode.

It should be noted, that in all cases the transition purity, P I
opt, lies above the maximum feed purity

for the SLE of system I.f (PFI
max = 0.988, see Tab. 6.1). Since also the temperature range of the SLE

for system I.f is sufficiently large, for each operating point in the table the eutectic composition can

be achieved in a single-step crystallisation, which facilitates maximum yield of this unit operation

(see also the discussion in section 6.3.3). Note further, that this positive result could not be reported

in [61], since there the stronger limited ”surrogate” SLE for mandelic acid in water (Fig. 3.5) was

applied.
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7.4.3 Evaluation for Different Model Systems

In order to compare the performance of the process combination for different enantiomeric sys-

tems, the shortcut method was also applied to the model systems II and III (for the corresponding

parameters see Chapter 3). For this comparison the already explained case (3) was applied that

considers both enantiomers as target products.

Figure 7.10 summarises the results that were already obtained for system I.f (see section 7.4.2) to-

gether with those additionally determined for systems II and III. It can be seen that the performance

is rather different for the three systems. While for system III remarkable productivities and very

low solvent consumptions can be obtained, the performance of systems I.f and II is significantly

lower. The reason for the high absolute performance of system III is that it actually combines seve-

ral beneficial aspects. The chromatographic separation benefits from the relatively high separation

factor and high possible feed concentrations, as well as from low slopes of the correlations for

pressure drop and HETP as a function of flow rate (see Chapter 3 for details). In crystallisation,

the favourable eutectic composition of this conglomerate system (i.e., Pe = 0.5) allows for high

yields. This in turn leads to a low load on the SMB unit due to recycles and, therefore, allows for

a good performance of the process combination.
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Figure 7.10. Comparison of process performance for systems I.f, II, and III if both enantio-

mers are desired. Left – throughput of the stand-alone process (triangles) and the process

combination (circles). Right – specific solvent removal for the two options.

However, it is more expedient to compare the performance of the process combination and the

reference scenario for each system separately. Table 7.4 lists the relative performances for both

options in a similar manner as was already used in Tab. 7.3. It can be seen that the relative im-

provements with respect to the reference scenario are significant for all systems. For example, for

system III the throughput was increased by up to 200% while simultaneously reducing the total

bed length by about 65%. This corresponds to a remarkably increased specific productivity (i.e.,

the ratio of throughput and volume of stationary phase; see Eq. (4.2)) of about 308%.

The relative improvements are highest for systems II and III, respectively. This is in particular

due to the fact that these are conglomerate forming systems (i.e., they have a favourable eutectic
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Table 7.4. Evaluation of the three model systems. Throughput (mF0
1 ), bed length (L), and solvent re-

moval (SR) of the process combination relative to a stand-alone separation. Underlined – throughput-

optima, italicised – operating points that require a step-wise crystallisation.

system I.f system II system III

NTP P ΔmF0
1 ΔL ΔSR P ΔmF0

1 ΔL ΔSR P ΔmF0
1 ΔL ΔSR

[%] [%] [%] [%] [%] [%] [%] [%] [%] [%] [%] [%]
400 97.5 −12 +94 −60 92 .5 +14 +42 −44 90.0 −8 +91 −45
300 96.5 +1 +65 −61 90 .0 +30 +23 −46 85.0 +7 +64 −46
200 96.5 +22 +32 −57 90 .0 +56 0 −44 85.0 +33 +31 −46
160 95.0 +34 +17 −55 85 .0 +71 −11 −48 85.0 +49 +17 −45
120 92.5 +49 0 −49 85 .0 +92 −23 −45 85.0 +73 0 −44
80 92.5 +68 −19 −40 80 .0 + 121 −37 −45 80.0 + 109 −19 −42
60 90.0 +77 −31 −29 75 .0 + 139 −45 −46 75.0 + 135 −30 −39
40 87.5 +76 −44 −3 70 .0 + 164 −55 −43 75.0 + 170 −44 −33
20 82.5 +20 −61 121 65.0 + 187 −69 −6 65.0 + 200 −61 −9
16 60 .0 + 187 −72 −19 65.0 + 200 −65 +5
12 60 .0 + 169 −76 +50 60 .0 + 181 −70 +33
8 72.5 −79 −76 +3 009 55 .0 + 132 −80 +50 60 .0 + 142 −75 + 105

purity of P = 0.5). It should be noted that for system II already at higher plate numbers and

transition purities a certain benefit from the process combination can be observed (see the first few

rows of the table). This is caused by the low separation factor and the steeper slope of the HETP

function for this system (see Eq. (3.1) and parameters in Chapter 3). These two effects allow only

very low improvements of the stand-alone separation by chromatography for the required purity of

99.8% (see Fig. 7.10). In turn, reduction of these high purity requirements immediately increases

the throughput of the chromatographic process and, therefore, leads to a better performance of the

process combination.

It can be expected that the process combination is particularly advantageous for enantiomeric sys-

tems with i), a limited performance of the chromatographic separation (for example, due to low

separation factors or low column efficiency), and ii), a favourable SLE that reveals a low eutectic

purity and that does not impose limitations with respect to feasible operating conditions (as is the

case for system II, where feed purity and adjustable temperatures in crystallisation are restricted).

However, considering the results in Tab. 7.4 , it must be taken into account that the composition

range of the SLE is limited for each system (for a detailed discussion of this aspect see section 6.3).

As already mentioned, for system I.f all operating points in the table are feasible. On the other

hand, this is not true for the other two systems. For system II, the predicted optimum transition

purities that correspond to plate numbers of NTP ≥ 40 (i.e., P ≥ 0.70) are higher than the

maximum feed purity of PF
max = 0.687 (i.e., the highest feed purity that still allows to reach the

eutectic composition in a single crystallisation step; see section 6.3.2 and Tab. 6.1). Therefore, a

step-wise crystallisation process will be required for these operating points as was suggested in

section 6.3.3. Furthermore, for points with NTP ≤ 16, the necessary feed concentration is too

low to be adjusted within the temperature range of the SLE. This case (which was not considered
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in Chapter 6) will also require the mentioned step-wise procedure, since it is necessary to operate

crystallisation at higher concentrations than originally assumed. In the table such unfavourable

operating points are italicised.

Obviously, for system II only one of the optimisation results allows for a one-step crystallisation.

The maximum feed purity for system III (PF
max = 0.911, see Tab. 6.1) is always higher than the

optimum transition purity. Therefore, for this system limitations apply only for the operating points

with NTP ≤ 12, which would require lower temperatures than covered by the SLE.

7.4.4 Remarks and Limitations of the Approach

When applying the shortcut method that was introduced in this chapter, some limitations of this

approach should be taken into account. First, the values for the performance parameters obtained

will not match exactly the values that would result when using an SMB model. One issue is that the

optimal bed lengths obtained are rather low (between 2 and 14 cm), while simultaneously high flow

rates are applied (up to several hundred ml/min). These cannot be used in a real SMB, because

this would cause impractically short switching times (in the range of a few seconds). Because

of the high pressure drop and efficiency of the columns used, such high flow rates could not be

covered by typical measurements. Another limitation is that a TMB model always over-predicts

SMB performance. However, it can be shown that the purity-performance characteristics of SMB

and TMB models are very similar with respect to their curvature. The main difference is that an

SMB process will always need a higher plate number to achieve the same performance. It appears

a valid strategy to compare selected SMB and TMB calculations for a given separation problem to

quantify the differences between model predictions. However, this is out of the scope of this work.

It should be emphasised that - despite the aforementioned limitations - the approach presented will

predict the trends of the system correctly, while the actual results will represent upper limits of the

benefits achievable from the process combination.

It represents an interesting fact that very low values were found for the optimum number of theo-

retical plates (NTP ). On one hand, this stresses the significant potential to save investment costs

for chiral stationary phase (CSP) by combining SMB and crystallisation. Alternatively, less effi-

cient (and less expensive) CSPs and solvents could be used to resolve the separation task without

increasing operation costs. On the other hand, the low plate numbers indicate that the application

of combined separation schemes might facilitate using simpler separation processes than SMB

chromatography, since it actually appears rather contradictory to apply a complex separation pro-

cess like the SMB process to a problem that requires only 10 theoretical stages. Less efficient

techniques like membrane processes might be of interest as the first separation step.

When considering the results of the investigations presented above, the shortcut design method that

was proposed in [59] appears inappropriate. A number of shortcomings of the approach used there

(e.g., the impact of column efficiency was not accounted for) will lead to inaccurate predictions
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for the optimal transition purity. In particular the assumption of linear characteristics represents a

misconception (as can be seen, for example, from Fig. 7.6).

7.5 Further Aspects of Process Engineering

There is quite a large number of questions that arise when trying to develop a combined process

of SMB chromatography and enantioselective crystallisation. Since in this work focus was set

on general evaluation and conceptual design of this process, by far not all of these issues could

be covered exhaustively. In the following, a brief overview will be given about other important

aspects of process engineering and further issues that should be investigated when attempting a

practical implementation of the process combination considered.

Solvent-Related Issues

Some very important aspects are related to the choice of solvent and its removal between chromato-

graphy and crystallisation. One of them is that it is desirable to perform both unit operations using

the same solvent (this is actually given for the three model systems I.f, II, and III examined above).

However, for systems where crystallisation cannot be conducted in the chromatographic eluent, a

complete solvent removal has to be applied before crystallisation and in the recycle streams back

to chromatography.

Furthermore, it is useful to apply single-component solvents (with pure acetonitrile this applies

here only to system III), since otherwise the enrichment step in Fig. 7.1 has to be either non-

selective with respect to eluent components, or must deliver a liquid composition for which the

ternary SLE is known. This problem will apply to many practical systems, since mixed eluents

are very common in chiral chromatography (e.g., aqueous solutions of alcohols like for systems I.f

and II, respectively). In this context, the use of reverse osmosis for the enrichment step appears

interesting.

Finally, for process design one should not only consider the specific solvent removal with respect

to product flux, SR, but also the relative amounts that have to be removed in the enrichment

unit. When analysing the results for the three systems presented in section 7.4.3, one finds at the

optimum operating point for system I.f that the enrichment unit is required to remove 99.8% of the

passing solvent. This is related to the high solubility for this system at transition conditions. This is

less pronounced for system II (48.9%) and system III (88.9%). Since for a reasonable performance

of the crystalliser it is necessary to adjust these values accurately, in cases like for system I.f also

a complete removal of the solvent is worthwhile to consider.

Incorporation of Further Unit Operations

A very interesting field for further investigations is the use of alternative or additional unit opera-

tions. One example is the use of membrane-based enrichment processes like the already mentioned
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reverse osmosis.

The coupling approach investigated here might be extended to the use of batch chromatography as

the first separation step. Furthermore, since it was demonstrated that the optimal transition condi-

tions correspond to very low efficiencies of the chromatographic process, the use of separation

processes that are typically less effective (e.g., chiral membranes) might be of interest.

In the present work it was not accounted for the solid-liquid separation after crystallisation. Ho-

wever, for a detailed process design it will be necessary to include also transport, filtering, and

washing of the produced crystals.

Evaporative crystallisation can serve as an alternative to cooling crystallisation. Although its de-

sign is somewhat more complex, it could allow to perform solvent removal and crystallisation

in one apparatus (provided that the rates of crystallisation and solvent evaporation are properly

adjusted). This would make possible to circumvent restrictions due to limited ternary SLE.

It appears very attractive to apply a racemisation step in cases where only one enantiomer is de-

sired. A racemisation converts an asymmetrical mixture of two enantiomers into the 1:1 mixture.

This could be applied to the chromatographic outlet for the non-desired enantiomer. The resulting

racemic mixture could be recycled back to the chromatographic step (see, for example Fig. 1.6).

Such processes could theoretically achieve a yield of 100%.

Development of a Model for Further Investigations

In order to study many of the aspects listed above, it will be necessary to perform investigations

on the basis of more advanced mathematical models than were used here. In particular, a fully

coupled process model will be required to study the start-up behaviour and the dynamic properties

of the process combination.

A suggestion for such a model can be found in Appendix C. The model was already implemented

in the simulation environment PROMOT/DIVA [96, 98]. It mainly consists of a TMB stage mo-

del (see section 2.1.5) and a moment model for crystallisation that considers particle phenomena

like crystal growth kinetics and nucleation on a simplified basis. The incorporation of further unit

operations or a hybrid SMB model is straightforward. First studies that were performed for sys-

tem I.f showed an excellent agreement between calculations using the detailed model and design

predictions obtained in this chapter.

Process Robustness

For a continuous realisation of the process combination it will be mandatory to identify the para-

meters that influence most strongly the dynamic behaviour.

For this purpose, a first analysis of the steady state sensitivities of all performance measures (e.g.,

yield, purity of mother liquor and SMB outlets, etc.) on the design parameters (e.g., flow rates, re-

cycle ratios, operating temperature in crystallisation, etc.) was performed using the developed dy-

namic model. For this study, system I.f and the optimal design point for case (1) (see section 7.4.2)
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were considered. The sensitivities were determined using Eq. (4.20) from the deviations between

two steady states after a small perturbation (0.5%) of each parameter. The results indicate that for

this system the impact of the solvent removal is highest (which is not surprising when considering

the high solvent removal reported above for this system), followed by the flow rates in the separa-

tion zones of the chromatographic process. Further investigations of this type appear desirable for

other enantiomeric systems and operating conditions.

7.6 Conclusions

In this chapter, a shortcut method was developed that simplifies the design of the process combina-

tion of SMB chromatography and enantioselective crystallisation and allows for a straightforward

estimation of its performance for a specific enantiomeric system. The method is based on a simpli-

fying approach for mass balancing in networks of nonsharp binary separators and the application

of performance characteristics for the SMB separation. These characteristics could be determi-

ned efficiently from optimisations of a TMB model which serves as a reduced model for SMB

processes.

The application of the shortcut method to different configurations that result from the choice of the

target enantiomer revealed that a coupling of chromatography and crystallisation is particularly

advantageous in cases where either only the stronger adsorbing enantiomer or both enantiomers

are desired. This was also confirmed by the results of Chapter 5, where it was demonstrated that

a non-restrictive design of continuous chromatography particularly enhances the concentrations in

the extract stream.

A comparison of the performance of the process combination was performed for three model sys-

tems. The results emphasise the significant potential that results from combining the two processes.

Productivity enhancements of up to about 300% could be achieved at similar efforts for solvent re-

moval. For all systems it is possible to operate the process combination at higher throughput while

simultaneously decreasing the volume of CSP and the specific solvent removal.

It is noteworthy that a limited validity range of an SLE can entail restrictions with respect to the

process combination (as was anticipated in Chapter 6). Some of the cases studied will require addi-

tional implementation efforts, since they require to apply step-wise crystallisation processes. This

finding emphasises the necessity to study the SLE of an enantiomeric system over a wide range

when considering the combination of enantioselective cooling crystallisation and chromatography.

An important conclusion from the results of this chapter is that the application of the combined

process is particularly beneficial for enantiomeric systems with a limited performance of the chro-

matographic separation with respect to high product purity and, simultaneously, a favourable SLE

with a low eutectic purity and a wide range of accessible compositions and temperatures.

At the end of the chapter a brief overview was given about aspects of process engineering that

deserve to be included in further investigations of the process combination investigated.
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A fundamental objective of chemical engineering is the development of economically and ecolo-

gically efficient processes. Certainly one of the most innovative strategies in this field is process

integration. While this is often merely perceived as the incorporation of reaction and separation

into a single apparatus, it should be recognised that likewise the combination of separation units on

the flowsheet-level can comprise a significant potential with respect to performance enhancement.

Subject of this work was the investigation of such a process combination for the separation of

enantiomers. A well-suited technology for this challenging and important separation problem is

continuous Simulated Moving Bed (SMB) chromatography. Yet, the performance of this rather

complex process is typically limited if a very high product purity is required. In contrast, a pure

enantiomer can often be obtained by means of simpler crystallisation as long as a certain enrich-

ment with respect to this enantiomers is provided. Consequently, in a process combination that

incorporates SMB chromatography and enantioselective crystallisation, the purity requirements

on the chromatographic process can be reduced, which in turn allows to enhance the performance

of the whole separation process.

In this work, focus was set on conceptual design and evaluation of the potential that arises from

applying this process combination. In order to contribute to process understanding and to reveal

the origins of possible benefits of the approach, at first systematic model-based investigations of

the single unit operations were performed under consideration of the specific design requirements

of the process combination. Of particular interest in this context was the influence of the involved

thermodynamic equilibria on process performance. To allow for general conclusions with respect

to feasibility and possible limitations, these investigations were performed using experimental data

of different enantiomeric model systems.

In case of the SMB process, a parametric study was performed to study the impact of indivi-

dual adsorption isotherm parameters on productivity. The obtained results emphasise that in this

connection the separation factor has the strongest influence. However, the achievable productivity

depends also on the nonlinearity of the isotherms and the feed concentration. An encouraging

finding with respect to the process combination of chromatography and crystallisation was that in

each case the reduction of purity requirements allowed for significant improvements of process

performance. However, it was also demonstrated that – in order to fully exploit this potential –

it is necessary to consider all flow rates within an SMB unit as free parameters in the design. A

corresponding method based on the optimisation of a suitable model was proposed and applied

successfully.

Similar investigations were performed with respect to enantioselective crystallisation. Starting
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from the development of a model for ternary solubility equilibria of two enantiomers in a solvent,

a design approach was suggested for this process. It was shown that the performance of crystalli-

sation is mainly determined by the eutectic composition of an enantiomeric system. Furthermore,

restrictions could be revealed that result from limitations imposed by the solid-liquid equilibrium

with respect to accessible compositions and temperatures.

Based on the results of the preceding examinations, a more detailed process scheme was sug-

gested for the combination of the two processes. For investigations of this integrated process a

shortcut method was proposed that is based on a mass balance approach for networks of nonsharp

separators and the application of performance characteristics for the SMB separation. Such cha-

racteristics could be determined efficiently from optimisations of a reduced model for this process.

The shortcut procedure simplified significantly the design of the process combination and allowed

for a straightforward evaluation of its performance. Similar approaches should be applicable for

the analysis of other process combinations involving complex nonsharp separation processes.

The application of the shortcut method to different process configurations that result from the

choice of the target enantiomer revealed that for systems with LANGMUIR adsorption isotherms a

coupling of chromatography and crystallisation is especially advantageous in cases where either

only the stronger adsorbing enantiomer or both enantiomers are desired. A comparison of process

performance for three different model systems underlined the significant potential that results from

combining the two processes. Remarkable productivity enhancements of up to 300% were predic-

ted in comparison to a stand-alone enantioseparation by SMB chromatography. Simultaneously,

investment costs might be lowered significantly by a reduction of the necessary volume of expen-

sive chiral stationary phase. The results further indicate that an implementation of the process

combination is particularly beneficial for enantiomeric systems with limited performance of the

chromatographic separation and, simultaneously, favourable SLE that have a low eutectic purity

and that reveal a strong dependency on temperature.

Process combinations of the type considered here generally raise many questions, not all of which

can be addressed in studies that aim at the evaluation of the general potential of an approach.

Consequently, a number of interesting aspects remain that deserve to be included in further exami-

nations. An example is the more detailed consideration of solvent-related issues, in particular the

design of the enrichment between chromatography and crystallisation. Furthermore, investigations

of the dynamic behaviour based on more detailed mathematical models appear to be desirable in

order to promote the promising concept studied in this work.
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SMB and TMB Models

A.1 Numerical Solution of Equilibrium-Dispersive Model

Here only a short description of the so-called ROUCHON algorithm for the solution of the

equilibrium-dispersive model (section 2.1.4) will be given. Comprehensive reviews of this al-

gorithm can be found, for example, in [63, 89, 94, 95].

Basis of this method is that at first the dispersive term in Eq. (2.19) is neglected. The resulting

equilibrium model is solved using an explicit difference scheme. The accuracy of the solution is

adjusted such that the numerical dispersion of the solution matches the physical dispersion term in

Eq. (2.19). This is achieved by properly adjusting the ratio of the space and time increments. This

ratio is derived from a stability criterion and the relation for the apparent dispersion coefficient

(Eq. (2.20)).

Neglecting the dispersion in Eq. (2.19), the equilibrium mass balance reads:

∂ci
∂t

+ F
∂qi
∂t

+ u
∂ci
∂z

= 0 , (i = 1...N) ( A.1)

For the discretisation of this equation, a backwards-in-time and forwards-in-space approach was

found useful [63]. After discretisation and re-arrangement of Eq. (2.19), the following equation

for an unknown concentration at point n+ 1 in space and j in time results:

cji,n+1 = cji,n − Δz

uΔt

[
cji,n − cj−1

i,n + F (qj
i,n − qj−1

i,n )

]
( A.2)

For known initial and boundary conditions, Eq. (A.2) is an explicit expression for the unknown

concentration cji,n+1. From a stability analysis, the following convergence condition can be derived

(see, e.g., [63, 89]):

acou = umin
Δt

Δz
≥ 1 ( A.3)

In this so-called COURANT-FRIEDRICHS-LEVY condition, acou is the COURANT number and umin

is the minimum migration velocity of the solute (i.e., for LANGMUIR isotherms this is the migration

velocity for ci → 0). For mixtures with nonlinear equilibria it is expedient to use the average value
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of the different minimum velocities [89]. ”Tuning” of the numerical accuracy (in order to match

the physical dispersion term in Eq. (2.19)) is achieved by setting a proper ratio between the time

and space increments of the difference terms above. It can be shown that the following holds for

the apparent dispersion coefficient in Eq. (2.20) [89]:

Da,i =
Δz

2
(acou − 1) ( A.4)

From Eqs. (2.20) and Eq. ( A.4) follows for the space increment

Δz =
Lc

NTP (acou − 1)
( A.5)

Thus, after specification of values for acou (in this work, acou = 2 will be used) and NTP , the

space and time increments follow from Eqs. (A.5) and (A.3).

A.2 Steady-State Optimisation of SMB Processes

Figure A.1. Program flow chart for SMB optimisations in section 4.4.3.

The flow chart above describes the semi-heuristic approach used for the optimisations of the SMB

process in Chapter 4.
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A.3 SMB Performance under Reduced Purity Requirements

Table A.1 lists selected optimisation results for SMB processes under reduced purity requirements

that were performed in section 4.4.3.

The first two lines contain for each system the theoretical productivities predicted from equili-

brium theory using Eqs. (4.13) and (4.9) (β = 1 applied). The second line contains the theoretical

productivity calculated using the necessary safety factors β ≥ 1 that were estimated ”manually”

from preliminary numerical simulations. The difference between the corresponding productivities

indicates the effect of the safety factors. The next three lines show results obtained from numerical

simulations for three different values of the target purity.

Table A.1. Design parameters and selected predicted maximum productivities of the SMB process for

separation of mandelic acid enantiomers using different chromatographic systems.

System α cF P β γI γII γIII γIV tS
a PR ΔPR b

[ g/l ] [ % ] [ min ] [gl−1d−1] [ % ]

I.b 1.4 15 100 1.0 1.610 0.950 1.204 1.041 2.97 467.8 c

100 1.1 1.771 0.950 1.204 0.947 3.10 448.6 c -4.1
99.0 1.1 1.771 1.031 1.243 0.947 3.10 367.2 d -21.5

97.5 1.1 1.771 0.983 1.226 0.947 3.10 415.3 d -11.2

65.0 1.1 1.771 0.432 1.549 0.947 3.10 1272.0 d +172.9

I.c 1.14 50 100 1.0 1.160 0.962 0.987 0.920 2.62 172.7 c

100 1.35 1.566 0.962 0.987 0.682 2.94 153.9 c -10.9

99.0 – purity not achieved –

97.5 1.35 1.566 1.040 1.050 0.682 2.94 57.2 d -66.9
65.5 1.35 1.566 0.606 0.857 0.682 2.94 990.4 d +473.5

I.d 1.24 38 100 1.0 1.330 0.963 1.046 0.953 2.75 416.3 c

100 1.2 1.596 0.963 1.046 0.794 2.96 386.8 c -7.1

99.0 1.2 1.596 1.191 1.195 0.794 2.96 130.5 d -68.7
97.5 1.2 1.596 0.931 1.068 0.794 2.96 329.0 d -21.0

65.5 1.2 1.596 0.520 1.104 0.794 2.96 1723.0 d +313.9

I.e 1.07 5 100 1.0 8.621 7.787 7.817 7.557 7.19 7.8 c

100 1.5 12.930 7.787 7.816 5.038 9.83 5.7 c -26.9

99.0 – purity not achieved –

97.5 1.5 12.930 8.213 8.221 5.038 9.83 1.4 d -82.1
65.5 1.5 12.930 6.125 6.473 5.038 9.83 33.1 d +324.4

ref 1.14 50 100 1.0 1.170 0.966 0.992 0.924 2.63 178.3 c

a Calculated from Eq. (4.12) with QI = 1.0 ml/min.
b Difference to maximum theoretical productivity (P = 100%, β = 1).
c Equilibrium theory with P = 100%; Eqs. (4.13, 4.9).
d Numerical simulations with NTP = 300/column.
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A.4 Determination of Flow Rates and Bed Lengths

The TMB process is not used in practice because of the problems arising from solid handling

(back-mixing and abrasion). Thus, for the calculations in section 7.4 flow rates and bed lengths

have to be calculated that correspond to the use of packed columns (as are used in SMB processes).

The pressure drop in an SMB depends on the configuration of zones and pumps (see, for example,

[138]). The highest internal flow rates and thus the highest throughputs are guaranteed if the

maximum tolerable pressure drop, Δpmax, is achieved. For the Chirobiotic T column, Δp is given

by Eq. (3.2). In SMB systems with one internal recycle pump, Δp depends on all four internal

flows. Assuming identical zone lengths, from Eq. (3.2) one obtains

Δpmax = 4k0Lc
Qt,SMB

πD2
( A.6)

where Qt is the sum of all four internal flow rates. For the maximum pressure drop tolerable, in

the assume Δpmax = 50 bar.

The relation between the height of a theoretical plate, HETP , and the flow rate is given by

Eq. (3.1). For a plate number averaged over all four zones, NTP , it follows from Eq. (3.1)

NTP =
Lc

HETP
=

Lc

Aū0 +B
=

Lc

A
Qt,SMB

πD2 + B
( A.7)

From Eq. (A.6) and Eq. (A.7) the flow rates and zone length can be calculated that correspond to

the NTP used in the TMB optimisations and to the tolerable pressure drop, Δpmax and. Solving

Eq. (A.6) and Eq. (A.7) one obtains for the bed length, Lc:

Lc =
1

2k0

[
NTPBk0 +

√
NTPk0(NTPk0B2 + AΔpmax)

]
( A.8)

For each TMB optimisation, the sum of the flow rates Qt,SMB and the bed length Lc now are

calculated from Eqns. (A.6) and (A.8). Please note, that if the correlations for Δpmax and HETP

are nonlinear, some simple iteration has to be used. The zone flow rates in an SMB,Qj
SMB, depend

on the dimensionless parameters γj (see section 4.2.3):

Qj
SMB =

γjVc(1 − εt) + Vcεt

tS
( A.9)

Here, tS and Vc = πD2Lc are the switching time and column volume, respectively. From Eq. (A.9)

and Qt,SMB =
∑
j

γj follows for the flow rate in an individual zone

Qj
SMB = Qt,SMB

γj(1 − εt) + εt
(1 − εt)

∑
j

γj + 4εt
( A.10)

From this expression, all individual zone flow rates can be obtained.
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Data and Parameters for SLE Models

B.1 Experimental Data for Ternary SLEs

The following tables list the experimental data that were used to establish the SLE models in

Chapter 6. These raw data were obtained from [118] and [119].

Table B.1. SLE data of mandelic acid enantiomers in methanol:water 20:80 (systems I.b and I.f

in Tab. 3.1) from [119]. The corresponding ternary SLE is shown in Fig. 3.3.

T xS xR

[ ◦C] [wt%] [wt%]
0 6.9 0.0
0 7.9 3.6
0 5.2 5.2

10 11.0 0.0
10 16.3 7.3
10 9.5 9.5

T xS xR

[ ◦C] [wt%] [wt%]
20 19.1 0.0
20 29.7 13.4
20 18.0 18.0
30 35.3 0.0
30 40.7 18.3
30 27.0 27.0

T xS xR

[ ◦C] [wt%] [wt%]
40 53.4 0.0
40 48.5 21.8
40 33.3 33.3
50 66.1 0.0
50 54.0 24.2
50 37.5 37.5

T xS xR

[ ◦C] [wt%] [wt%]
60 76.8 0.0
60 59.2 26.6
60 41.2 41.2

Table B.2. SLE data for mandelic acid enantiomers in acetonitrile/water 4.5/95 (system I.e in

Tab. 3.1) from [118]. Corresponding ternary SLE shown in Fig. 3.4.

T xS xR

[ ◦C] [wt%] [wt%]
0 6.5 0.0
0 7.0 7.0
0 9.2 4.1
5 10.8 0.0
5 8.6 8.6

10 14.2 0.0

T xS xR

[ ◦C] [wt%] [wt%]
10 11.7 11.7
10 18.1 8.1
20 20.5 0.0
20 16.8 16.8
20 27.1 12.2
30 31.4 0.0

T xS xR

[ ◦C] [wt%] [wt%]
30 24.0 24.0
30 36.3 16.3
40 44.2 0.0
40 30.1 30.1
40 44.4 20.0
50 58.3 0.0

T xS xR

[ ◦C] [wt%] [wt%]
50 35.1 35.1
50 50.4 22.6
60 68.8 0.0
60 38.7 38.7
60 54.6 24.5
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Table B.3. SLE data for mandelic acid enantiomers in water (surrogate system) according to

[118]. Corresponding ternary SLE shown in Fig. 3.5.

T xS xR

[ ◦C] [wt%] [wt%]
0 4.9 0.0
0 5.9 2.7
0 3.5 3.5
5 5.4 0.0
5 6.4 2.9
5 4.1 4.1

10 6.3 0.0
10 7.5 3.4
10 4.7 4.7
15 7.4 0.0
15 8.4 1.9
15 8.5 3.8
15 9.2 4.1
15 7.0 4.3

T xS xR

[ ◦C] [wt%] [wt%]
15 5.4 5.4
20 8.4 0.0
20 10.8 4.8
20 6.7 6.7
20 4.9 10.9
25 9.9 0.0
25 11.4 2.9
25 12.6 3.9
25 14.4 5.7
25 15.6 6.6
25 15.3 6.9
25 11.9 7.1
25 8.6 8.6
25 6.7 15.0

T xS xR

[ ◦C] [wt%] [wt%]
30 11.9 0.0
30 12.7 2.1
30 18.1 5.7
30 19.1 7.9
30 23.5 10.6
30 17.7 10.4
30 15.0 10.0
30 12.4 12.4
30 10.5 23.4
35 15.8 0.0
35 19.6 2.5
35 15.4 2.7
35 33.1 14.2
35 33.7 15.2

T xS xR

[ ◦C] [wt%] [wt%]
35 26.2 15.5
35 18.1 18.1
35 15.0 33.5
40 22.6 0.0
40 41.5 18.7
40 25.7 25.7
50 49.2 0.0
50 50.9 22.9
50 34.2 34.2
60 66.9 0.0
60 55.5 24.9
60 39.4 39.4

Table B.4. SLE data for system II according to [118]. Corresponding ternary SLE shown in Fig. 3.8.

T xL xD

[ ◦C] [wt%] [wt%]
10 0.370 0.000
10 0.380 0.380

T xL xD

[ ◦C] [wt%] [wt%]
20 0.510 0.000
20 0.565 0.565

T xL xD

[ ◦C] [wt%] [wt%]
30 0.670 0.000
30 0.755 0.755

T xL xD

[ ◦C] [wt%] [wt%]
40 0.730 0.000
40 1.005 1.005

Table B.5. SLE data for system III according to [118]. Corresponding ternary SLE shown in Fig. 3.10.

T xS xR

[ ◦C] [wt%] [wt%]
10 4.8 0.0
10 5.7 5.7
10 5.2 2.1
20 9.4 0.0

T xS xR

[ ◦C] [wt%] [wt%]
20 11.3 11.3
20 1.4 10.0
20 9.1 4.8
30 18.6 0.0

T xS xR

[ ◦C] [wt%] [wt%]
30 26.4 26.4
30 21.2 5.7
40 37.6 0.0
40 39.1 39.1

T xS xR

[ ◦C] [wt%] [wt%]
40 36.3 14.3



APPENDIX B 127

B.2 Coefficients for SLE Models

Table B.2 contains the determined polynomial coefficients for the different enantiomeric systems

that were used for the temperature-interpolation of solubilities at different compositions, Eq. (6.5).

Table B.6. Polynomial coefficients for temperature approximation of the solubility for the different

experimental systems, Eq. (6.5). P – pure enantiomer, E – eutectic through, R – racemic through.

System a5 a4 a3 a2 a1 a0

MA/H2O P 8.0205E-09 -5.3634E-07 1.3519E-05 -1.3164E-04 2.2451E-03 4.4892E-02

E 0.0000E+00 -1.6197E-07 1.6516E-05 -2.4289E-04 2.6283E-03 5.6939E-02

0...40 ◦C R -5.6697E-09 5.6766E-07 -1.4247E-05 1.4652E-04 6.7093E-04 3.4627E-02

I.b, I.f P 8.7708E-09 -1.3312E-06 6.5150E-05 -9.5673E-04 8.3834E-03 6.9060E-02
(MA) E 0.0000E+00 1.2130E-07 -1.5988E-05 5.9406E-04 4.2798E-03 7.8652E-02

0...60 ◦C R 0.0000E+00 8.8598E-08 -1.2671E-05 5.4155E-04 -2.2794E-05 5.2260E-02

I.e P 0.0000E+00 -1.1056E-07 1.1743E-05 -2.8561E-04 9.0897E-03 6.6724E-02
(MA) E 0.0000E+00 7.9716E-09 -2.1200E-06 9.1496E-05 7.9843E-03 9.2249E-02

0...60 ◦C R 0.0000E+00 5.8326E-09 -2.1093E-06 1.4226E-04 3.0780E-03 6.9759E-02

II P 0.0000E+00 2.4772E-09 -4.2100E-07 1.9685E-05 -1.9315E-04 4.1058E-03
10...40 ◦C E=R 0.0000E+00 0.0000E+00 9.1667E-08 -5.2500E-06 2.7833E-04 1.4500E-03

III P 0.0000E+00 0.0000E+00 8.6667E-06 -2.9000E-04 7.2333E-03 0.0000E+00

10...40 ◦C E=R 0.0000E+00 -8.9583E-07 6.9750E-05 -1.4704E-03 1.4325E-02 0.0000E+00

B.3 Determination of Adsorption Isotherms from Perturbations

A perturbation method was applied for the determination of adsorption isotherms for systems I.f

(mandelic acid on Chirobiotic T, see section 3.2) and system II (threonine on Chirobiotic T, see

section 3.2). Tables B.7 and B.8 list the corresponding measured retention times.

Table B.7. Retention times measured in perturbation experiments for system I.f.

Flow rate: 2.50 ml/min, injections of 20μl pure eluent.

crac t1 t2

[g/l] [min] [min]

0.0 4.80 7.07
0.375 4.73 6.22
0.750 4.69 5.94
1.5 4.67 5.70
2.25 4.65 5.52

crac t1 t2

[g/l] [min] [min]

3.0 4.62 5.37
4.5 4.59 5.17
6.0 4.56 5.07
9.0 4.52 4.91

15.0 4.47 4.76
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Table B.8. Retention times measured in perturbation experiments for system II. Left: flow rate Q

of 0.98 ml/min, injections of 20μl pure eluent; middle: Q = 1.97 ml/min, 20μl pure eluent; right:

Q = 2.50 ml/min, 20μl of asymmetrical enantiomeric mixtures.

ci t1 t2 ci t1 t2 ci t1 t2

[g/l] [min] [min] [g/l] [min] [min] [g/l] [min] [min]

0.00 11.90 13.47 0.00 5.92 6.75 0.00 4.68 5.35
0.15 11.93 13.37 0.15 5.96 6.70 0.25 4.62 5.22
0.25 11.84 13.22 0.25 5.91 6.59 0.50 4.60 5.15
0.50 11.80 13.07 0.50 5.87 6.51 0.75 4.58 5.08
0.75 11.70 12.91 0.75 5.78 6.36 1.00 4.57 5.03
1.00 11.62 12.73 1.00 5.75 6.28 1.25 4.55 5.00
1.50 11.51 12.53 1.50 5.70 6.19 1.50 4.55 4.99
2.00 11.40 12.25 2.00 5.59 6.03 2.00 4.51 4.88
2.50 11.28 n.a. 2.50 5.59 n.a. 2.50 4.47 4.80
3.00 11.21 n.a. 3.00 n.a. n.a. 3.00 4.45 4.77
3.50 11.05 n.a. 3.50 n.a. n.a. 3.50 4.39 4.74
4.00 n.a. n.a. 4.00 n.a. n.a. 4.00 4.42 4.73
5.00 n.a. n.a. 5.00 n.a. n.a. 4.50 4.38 4.69

5.00 4.40 4.69

B.4 Densities of Chromatographic Solvents

Table B.9. Experimental densities of chromatographic solvents. For abbreviations see Table 3.1.

System Mobile phase composition ρ [g/cm3]

I.a EtOH:H2O (50:50) 0.9222

I.b MeOH:0.3 M TEAAc (20:80) 1.0059

I.c EtOH:0.36 M TEAAc (50:50) 0.9233

I.d MeOH:MeCN:TEAAc:HOAc (54.5:45.1:0.2:0.2) 0.7880

II EtOH:H2O (60:40) 0.9018

III MeCN 0.7758



Appendix C

Dynamic Model for the Process Combination

In order to provide a tool for further investigations, a mathematical model was developed for a

continuous scheme of the process combination. The model was implemented into DIVA using the

modelling tool PROMOT. Basis for this model is the process scheme in Fig. 7.1.

The model basically consists of the equilibrium-stage approach for the TMB process that was

explained in section 2.1.5, and a model for a continuous crystallisation process. The crystalliser

was considered as a CSTR of the Mixed Suspension – Mixed Product Removal (MSMPR) type.

The particle size distribution (PSD) was described by a moment approach. Moment models allow

to quantitatively describe PSDs on the basis of ordinary differential equations. Due to this, they

are numerically much less expensive than detailed models for PSDs (which represent systems of

partial differential equations). More information on the model below can be found, for example,

in [112]. A comprehensive overview on modelling of crystallisation processes is given in [113].

The following expressions are used to model the rates of particle growth, G, and nucleation, B,

respectively:

B = kbM2 (c1 − c∗1)
b ( C.1)

G = kg(c1 − c∗1)
g ( C.2)

Here c∗1 is the equilibrium concentration of component 1, which was calculated using the SLE mo-

del explained in section 6.1.2. It is assumed that only this component crystallises. The coefficients

in the equations above have to be determined experimentally. Since detailed information with

respect to these coefficients were missing for the enantiomeric systems considered, the following

values were (arbitrarily) assumed: kb = 1000 m/(g·s), kg = 2 · 10−9 m4/(g·s), b = g = 1.

In Eq. (C.1), M2 is the second moment of the PSD. The time-dependence of the different moments

is given by

∂M0

∂t
= B − M0

τ
( C.3a)

∂Mi

∂t
= G− Mi

τ
, i = (1, 2, 3) ( C.3b)

Here, τ is the residence time in the crystalliser. For the concentration of component 1 in the mother

liquor holds (under the assumption of spherical crystals):

∂c1
∂t

=
cin1 − c1

τ
− 3ρs

π

6
GM2 ( C.4)



where ρs is the density of the solid phase. For the concentration of component 2 (which is not

crystallising) applies

∂c2
∂t

=
cin2 − c2

τ
( C.5)

For the solid phase mass balance the suspension density, c1,s, was described by

∂c1,s

∂t
= 3ρs

π

6
GM2 − c1,s

τ
( C.6)

Correspondingly, since component 2 is not crystallising, it is set c2,s = 0.

As initial values in the above equations it was applied (B,G,Mi, c1, c2) = 0. This corresponds

to a crystalliser filled with pure solvent. A discrete event was applied for the addition of a certain

amount of seed crystals if the liquid concentration exceeded the solubility limit (i.e., if c1 > c∗1).

Similarly, it was continuously checked if the composition of the mother liquor has under-run the

eutectic through. Since in this case the SLE model explained in Chapter 6.1.2 does not hold, a

certain penalty was set to some of the calculated states in order to ”mark” the corresponding si-

mulation results. This penalty was also applied if the liquid concentration fell below the saturation

limit (i.e., for c1 < c∗1), since dissolution kinetics were not implemented at this stage. It is empha-

sised that this modelling approach is consistent only for the crystallisation of pure enantiomer.

Design decisions are open for the unit operations in Fig. 7.1 that are related to solvent removal

and dilution. Therefore, these units were modelled as continuous CSTRs with a low volume. The

enrichment step was assumed to perform an ideal split (i.e., to remove only solvent). For this

purpose, a solvent removal ratio was specified.

It should be mentioned that the above model represents a basis for further model development. It is

straightforward to expand this model using more advanced kinetic expressions or unit operations.

For example, a distillation or membrane unit might be applied for solvent removal. Furthermore,

a hybrid model for the SMB process might be implemented.
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präparativen Flüssigchromatographie. Ph.D. thesis. Otto-von-Guericke Universität Magde-
burg (1998).

[96] M. Ginkel, A. Kremling, T. Nutsch, R. Rehner, and E. Gilles. Modular modeling of cellular
systems with PROMOT/Diva. Bioinformatics 19 (2003) 1169–1176.

[97] H. Schramm. Neue Betriebsweisen und Prozessführungskonzepte für chromatographische
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